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ABSTRACT OF DISSERTATION

PERVAPORATION OF SOLVENT MIXTURES USING POLYMERIC AND
ZEOLITIC MEMBRANES: SEPARATION STUDIES AND MODELING

The separation characteristics of binary alcohol-water mixtures were studied over
a wide range of feed concentration and temperature using polymeric and zeolitic
pervaporation membranes. For the hydrophilic PVA membrane, the total flux (at 55 0C)
for the ethanol-water system decreased from 0.45 to 0.05 kg/m2/hr as the feed ethanol
concentration was increased from 30 to 95 wt. %. The separation factor (water/ethanol)
was found to increase by about 100 times for the same range of concentration. The
UNIQUAC theory was used to predict the activity of binary alcohol-water mixtures in the
PVA membrane.

The UNIQUAC theory successfully takes into account the non-

idealities present in the alcohol/water-PVA membrane system. The transport of water
and alcohol species through the PVA membrane was modeled using the UNIQUAC
theory in conjunction with the conventional activity driving force model. Using the
model and the experimental pervaporation data, the diffusivity correlations and
concentration profiles for various species through the membrane were developed. Based
on the developed diffusivity correlations, the water and alcohol fluxes through the PVA
membrane were predicted at 80 °C.

Experiments were also conducted on the water selective zeolite (type NaA)
membrane using various alcohol-water mixtures and with dimethylformamide-water
mixture over a wide range of temperatures (25 to 70 °C) and solvent concentrations (0 100 wt. %). The total flux for the ethanol-water mixture was found to decrease from 2 to
0.05 kg/m2/hr at 60 °C as the feed ethanol concentration was increased from 0 to 100 wt.
%. Both, the water to ethanol and water to isopropanol separation factors were observed
to lie between 1000 and 5000 over a wide range of solvent concentrations. The MaxwellStefan theory was used to model the permeation of water through zeolite NaA
membranes.

The precise micropore structure of the zeolite cage helps in a partial

molecular sieving of the large solvent molecules leading to high separation factors. The
zeolite membrane active layer may contain certain non-zeolitic interstitial pores with
preferential water sorption. A high degree of hydrophilicity of the zeolite membrane is
suggested from a pure water sorption value of 0.6 gm/gm zeolite.

The detailed

interpretation of this result, however, requires consideration of both true zeolitic
microcavity uptake as well as interstitially held water between crystallites. The use of
pervaporation for volume reduction and solvent recovery applications in the
pharmaceutical industry has been demonstrated.
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CHAPTER 1
INTRODUCTION AND OBJECTIVES

The separation of solvents is of extreme importance in a variety of industries
ranging from chemical to food and pharmaceutical.

Distillation and liquid-liquid

extraction are two of the most common and traditional technologies used for solvent
separations. Both of these technologies are mature and have been extensively used for
commercial large-scale separations.

However, these technologies have certain

disadvantages associated with them. Distillation generally is an energy intensive process
and since the basis of separation is the relative volatility of the compounds, the technique
fails in the case of azeotropes i.e. mixtures wherein the relative volatility of the
compounds is unity. Thus for azeotrope separation, one may have to resort to the use of
more cost intensive processes such as azeotropic or vacuum distillation.

Also,

conventional distillation cannot be used for the separation of solvent mixtures, which
contain a heat sensitive compound (commonly encountered in the food, perfumery and
pharmaceutical industries). Liquid-liquid extraction, on the other hand suffers from the
major drawback of enhanced downstream processing due to the presence of an additional
solvent.

In the food and pharmaceutical industries, the introduction of the liquid

extractant could also cause problems in terms of the purity of the final food or drug
product. Thus in cases, where the conventional technologies would fail to meet the
desired separation objectives, the use of alternate technologies may be required.

1

2

Synthetic membrane–based separation technologies can be classified into several
categories: pressure-driven (Reverse Osmosis, RO; Nanofiltration, NF; Ultrafiltration,
UF; and Microfiltration, MF), concentration or activity-driven (Pervaporation, PV; Gas
Separation; Vapor Permeation, VP; and Diffusion Dialysis), electrically-driven
(Electrodialysis, ED), temperature difference-driven (Membrane Distillation, MD) and
other novel processes such as membrane based solvent extraction, facilitated transport
membranes, etc.

Of the above mentioned technologies, PV and VP are the major

technologies which can be used for solvent separations over a wide range of
concentrations. On the other hand, the use of RO for liquid separations is mainly limited
to environmental applications such as removal of trace quantities of organic solvents from
water, etc. (Cabasso et al., 2001; Rautenbach et al., 1993; Williams et al., 1990). The
major disadvantages of RO are that it is limited to aqueous systems and it cannot be used
to separate high concentrations of organic solvents from water due to osmotic pressure
limitations. Also, in RO, typically the major component present in the feed (mainly
water) is permeated through the membrane resulting in large membrane area requirement.
VP on the other hand suffers from the same disadvantage as distillation i.e., the process
becomes very energy intensive due to the need to vaporize the feed (Leemann, et al.,
1996; Rautenbach et al., 1990). Pervaporation (PV) is the only membrane process,
which theoretically can be used to separate any liquid mixture over the entire range of
concentration irrespective of the presence of azeotropes. In PV, generally the minor
component in the feed is permeated through the membrane decreasing the membrane area
requirement. Also since only a part of the feed is vaporized in the process, PV is less
energy intensive compared to distillation or VP.

3

Although the process was first conceived in the laboratory about 80 years ago
(Kober, 1917), the commercial applications of pervaporation have been restricted to the
dehydration of ethanol (Lelkes et al., 2000; Rautenbach et al., 1988; Sanders et al.,
1988) and removal of aqueous organics/VOC’s (Hickey et al., 1994; Ji et al., 1994;
Karlsson et al., 1993; Vane et al., 2001) from dilute solutions. The main hindrance in
diversifying pervaporation applications is the lack of availability of solvent resistant
materials, which can withstand a variety of solvents and a wide spectrum of feed
concentrations and temperatures.

This is of particular importance for treatment of

pharmaceutical streams, which contain a variety of organic solvents. The main thrust of
research efforts has so far been concentrated on polymeric pervaporation (PV)
membranes, the major emphasis being on new polymeric materials (Masuda et al.,1990;
Xie et al., 1993; Wei et al., 1995), modeling of component transport through dense
polymers (Brun, et al., 1985; Mulder et al., 1985; Kataoka et al., 1991) and process
design of commercial membrane modules (Wijmans et al., 1996; Merz et al., 1995).
However, most polymeric membranes fail to give an optimal performance over a broad
spectrum of solvents and concentration ranges, in terms of flux and selectivity.
Moreover, most of the pervaporation membrane models in literature deal only with a
small range of feed solvent concentrations. These models are not adequate to predict
separation behavior over a wide range of concentrations or temperatures. It is known that
ceramic materials have very good solvent resistance properties and are excellent
candidates for pervaporation membrane materials. Recent commercial development of
zeolitic membranes (Kondo et al., 1997) has led to considerable interest in both
fundamental and application areas.
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Thus the broad objectives of this research were
1) To establish the separation properties of solvent-resistant polymeric and
ceramic/zeolitic membranes over a broad range of feed concentrations and
temperatures.
2) To develop detailed mathematical models for both polymeric and ceramic membranes
in order to better understand the transport processes through these membranes and to
be able to predict the membrane performance under various conditions.
In particular, this research mainly focused on the use of commercial, hydrophilic
membranes such as polyvinylalcohol (PVA) and zeolite NaA membranes, for separation
of various aqueous-organic mixtures. Although literature is abundant in instances of
separation studies of aqueous-organic mixtures with PVA membranes, the diffusion and
sorption behavior of the various components through these membranes is still not
understood well. Due to the limited knowledge of sorption and diffusion behavior in
PVA membranes, the ability of predictive pervaporation models for these membranes is
restricted to a narrow range of feed concentrations and temperature. Also, the effect of
inorganic salts in the feed on these membranes has not been investigated in detail. The
knowledge of the presence of inorganic salts in the feed is important in pharmaceutical
applications because these salts are commonly present in many pharmaceutical streams.
The commercial zeolite NaA membranes for pervaporation of aqueous-organic mixtures
have been discovered recently. Literature results show that these membranes display very
high water selectivities for aqueous-organic separations. However, very little is known
about the mechanism of water and organic solvent permeation through these membranes.
Thus, there is a strong need to develop a comprehensive model to predict performance. It
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is thought that pervaporation process can be effectively used to solve solvent separation
problems in the pharmaceutical industry.

The main reason for this is the fact that

pharmaceutical streams are generally low volume streams, which typically contain a
mixture of various solvents.

Due to its modular nature, pervaporation in either a

standalone mode or in conjunction with other separation units can be used to achieve the
separation objectives economically. Several specific objectives were thus developed
keeping the above areas of pervaporation research in mind.
1)

To investigate separation of various alcohol-water systems using highly cross-linked
commercial PVA membranes.

2)

To understand diffusion behavior for various solvents through PVA membranes and
develop corresponding correlations based on experimental pervaporation data and a
novel predictive model.

3)

To investigate the use of group contribution theories such as UNIQUAC for
prediction of sorption and activity of non-ideal alcohol-water mixtures in PVA
membranes.

4)

To predict PVA membrane performance for different feed concentrations and
temperatures using the developed diffusivity correlations, group contribution theory
for sorption and mathematical transport model.

5)

To study the effect of presence of inorganic salts in the feed on separation
performance of PVA membranes.

6)

To study the separation of various aqueous-organic mixtures using organophilic
polydimethylsiloxane membranes and check the validity of simple pure component
permeation model for these systems.
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7)

To investigate the effect of presence of hydrophilic solutes such as alcohols and
ionic solutes such as dimethylformamide in the feed on separation performance of
zeolite NaA membranes.

8)

To extend the Maxwell-Stefan theory to model water permeation through zeolite
membranes.

9)

To prove the role of water sorption in zeolite membrane performance through novel
water sorption experiments.

10) To develop hybrid membrane processes involving pervaporation for solvent recovery
and stream volume reductions in the pharmaceutical industry.

CHAPTER 2
REVIEW OF PERVAPORATION PROCESS AND MEMBRANE
MATERIALS

The potential of using membrane-based pervaporation process for the separation
of solvents, has been realized only over the past two decades. Although the process was
discovered in 1917 by Kober, the first major research effort in this area did not begin until
the late 1950’s by Binning and associates at the American Oil Company in Texas.
Several instances of lab scale pervaporation results were published in that period
(Binning et al., 1960; Binning et al., 1961; Binning et al., 1962; Michaels et al., 1962;
Renon et al., 1963; Carter et al., 1964; Sweeney et al., 1965) mainly focussing on
organic-organic separations.

Despite a substantial amount of lab-scale work on

pervaporation during the 1960s, commercialization of the process was hindered due to
several reasons such as i) lack of market need, ii) higher confidence levels in
conventional separation technologies and iii) absence of membranes with high
permeabilities and selectivities.
It was only in the mid-1970s that the first commercial pervaporation process for
dehydration of ethanol was introduced by GFT (Germany). Following this process,
several other moderate sized plants (1000 to 50,000 L/day of ethanol recovery) were
established in other parts of the world. Due to the commercialization of the process,
interest in the pervaporation process was rekindled, both in academia and industry. The
number of technical publications and patents in the field increased dramatically over the
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next two decades as reported by Slater et al., 1989. These publications concentrated on
all aspects of the process such as new material development, mathematical modeling of
the process, new process applications and novel module design. This chapter includes
some basic definitions of the pervaporation process and a review of the developments in
new pervaporation membrane materials over the last few years.

2.1 General Description and Terminology
Membrane processes generally produce two streams, one that is more
concentrated in one or more species and the other that is depleted of the same species.
For pressure-driven membrane processes and PV, the stream entering the unit is called
the feed stream, the stream passes through the membrane is called the permeate and the
stream emerging from the unit is called the retentate.

2.1.1 Process Definition
Pervaporation is a dense-membrane process, which can be used for selective
separation of solvents based on selective sorption and diffusion of one of the components
through the membrane. It differs from the other membrane processes in the fact that the
diffusing species undergo a phase change as they diffuse through the membrane. The term
pervaporation is thus derived from ‘permeation’ and ‘evaporation’. The membrane in
pervaporation, acts as a barrier between the feed in the liquid phase and the permeate in
the vapor phase. The driving force responsible for transport across the membrane is a
chemical potential/activity gradient across the membrane which is generated by
preheating the feed and vaporizing the permeate. It should be noted that unlike, reverse
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osmosis, the osmotic pressure is not a limiting factor in the pervaporation process because
the permeate (vapor phase) usually has a very low activity. The gas phase on the
permeate side is created by either applying a vacuum or using an inert strip gas. A
schematic of the pervaporation process has been shown in Figure 2.1.

2.1.2 Separation Characterization Parameters
Two parameters are generally used to characterize a pervaporation process,
namely, the total flux of the permeating components and the selectivity of the membrane
for one component as compared to another. The selectivity of the membrane can be
expressed in terms of a separation factor, which is defined as :

α ij =

yi / y j
xi / x j

2.1

where yi and yj are the vapor phase compositions of components i and j respectively and
xi and xj are the feed phase compositions of components i and j respectively.
The concept of separation factor is similar to that of relative volatility in
distillation and is a measure of the separation obtained. It is quite common to express the
separation characteristic of the membrane in terms of another parameter, known as the
enhancement or enrichment factor, which is defined as follows:

βi =

yi
xi

2.2

The separation selectivity in pervaporation is obtained due to two steps, i) selective
sorption of the components onto the membrane surface and ii) evaporation of the
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Figure 2.1 Schematic of Pervaporation Process
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components on the permeate side (Blume et al., 1987; Blume et al., 1990). In order to
differentiate between the two steps, the separation factor is sometimes written as a
product of two separation factors as shown below:

α ij = α ij , mem × α ij , evap

2.3

where

α ij , mem =

α ij , evap =

yi / y j
pi / p j
pi / p j
xi / x j

2.4

2.5

The ratio pi/pj in equations 2.4 and 2.5 is the relative vapor phase composition of
components i and j that would be in equilibrium with a feed mixture composition of xi
and xj at a pressure equal to the permeate pressure. This concept has been depicted
graphically in Figure 2.2.
The total flux (Jt) through the membrane is defined as the total mass flow of all
the permeating components through the membrane per unit area per unit time. The flux
for each individual component can also be defined.

2.2 Review of Pervaporation Membrane Materials and their Separation Properties
The industrial liquid separations can be broadly classified into two types: aqueousorganic separations and organic-organic separations. A variety of membrane materials
have been developed to cater to the needs of each type of separation. This section gives a
brief overview of the various types of membrane materials developed and studied for both
aqueous-organic and organic-organic separations.
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Figure 2.2 Difference between Membrane and VLE based Selectivity in Pervaporation
Process (Adapted from Blume and Baker, 1987).
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2.2.1 Aqueous-Organic Separations
Aqueous-organic separations are commonly encountered in many industries such
as chemical, electronic, food, pharmaceutical and others. Some common examples of
such separations are dehydration of alcohols, removal of water from esterification
reactions, recovery of ethanol from fermentation broths, etc. A gamut of materials
ranging from polymer and polymer-composites to ceramic and zeolites, have been
evaluated for their performance for aqueous-organic separations.

2.2.1.1 Polymeric Materials
The polymeric materials can be broadly classified into three categories: glassy
polymers, rubbery or elastomeric polymers and ionic polymers. In general, the glassy and
ionic polymers are more suited for making water-selective membranes for dehydration
whereas the elastomeric polymers can be used for removal of organic compounds from
aqueous streams. The structure of some of these polymers has been shown in Figure 2.3.

2.2.1.1.1 Water Selective Polymers
For water selective membranes, the most important factor responsible for the
separation is the specific interaction between water and the polymer. To obtain high
selectivities, it is necessary to use polymers, which contain specific groups/active centers,
capable of strong interactions with water. Semenova et al. (1997) have broadly classified
the polymer-water interactions into two categories; i) hydrogen bonding interactions and
ii) ion-dipole interactions. A higher sorption selectivity in the polymer can be achieved
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Figure 2.3 Repeat Units of Few Commercial Pervaporation Membranes
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if the energy of the interaction between water and the active center is higher. In this
respect, polymers with hydrogen bonding and ion-dipole interactions are expected to
exhibit the highest selectivities, since these are the most energetic interactions.
Category 1. Hydrogen Bonding Interactions
The hydrogen bonding interactions are mainly possible in polymers containing
hydroxylic group such as polyvinylalcohol, polymers containing amide/imide groups such
as polyamides, polymers containing carboxylic groups (cellulose acetate, CA;
polyvinylacetate, PVAc; etc.) and ether groups, all of which are capable of forming strong
hydrogen-bonding with water.

It should be noted that in most cases, the polymer

backbone (or certain segments) is usually hydrophobic while the pendant groups are
hydrophilic. It is necessary to maintain an appropriate hydrophilicity-hydrophobicity
balance to achieve the necessary separation properties. The techniques for controlling
this balance have been discussed by Huang (1991). Some of these techniques include
cross-linking, grafting, blending, copolymerization and incorporation of filler materials in
the membranes.
A multitude of polymer materials has been tested as pervaporation membranes for
dehydration purposes. Of these materials, polyvinylalcohol (PVA) is the only material,
which has been used for commercial applications, primarily by GFT (Germany). PVA
has a polyethylene backbone with alternating hydroxyl groups, which are capable of
interacting with water. It is a common practice to crosslink the PVA membranes to
increase their solvent stability. Some of the common cross-linking agents used for this
purpose are glutaraldehyde (Li and Barbari, 1994), acetic acid (Lang et al., 1996), amic
acid (Huang and Yeom, 1990), polyacrylic acid (Lee et al., 1995), etc.. Lee et al. (1995)
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have studied the effect of crosslinking of PVA membranes on the ethanol-water
separation. As expected, the permeation rate was found to decrease while the selectivity
was found to increase as the degree of cross-linking of the membrane was increased. For
a 50 wt. % ethanol-water mixture at 60 °C, the total flux was found to decrease from 0.55
kg/m2/hr to 0.13 kg/m2/hr as the amount of cross-linking agent (polyacrylic acid) in the
membrane was increased from 5 to 20 wt. %. The water to ethanol separation factor for
the same range was found to increase from 30 to 275.
Like the degree of crosslinking, the degree of crystallinity can affect the separation
performance of the membrane (Lee and Hong, 1997). Gref et al. (1993) have studied the
impact of degree of crystallinity of PVA membranes on ethanol-water separation. For a
80 wt. % ethanol-water mixture at 40 °C, the water flux was observed to decrease from
0.2 kg/m2/hr to 0.02 kg/m2/hr as the crystallinity of the membrane was increased from 29
to 56 %. The ethanol flux over the same range of crystallinities, was found to decrease
from 0.005 to 0.001 kg/m2/hr.

Thus the individual component fluxes through the

membrane were found to decrease with an increase in the crystallinity. The presence of
the crystallites in the polymer structure makes it more rigid and ordered. As a result, the
diffusion process through the polymer film becomes hindered. The observations reported
by Gref and coworkers corroborate this fact.
The use of polyamide membranes for pervaporation dehydration applications has
been studied.

Vdovin (1996) has studied the dehydration of various alcohol-water

mixtures using aromatic polyamide membranes containing sulfonate groups. For a 80 wt.
% ethanol-water mixture at 60 °C, flux and separation factor of 0.75 kg/m2/hr and 12
were obtained respectively. For methanol-water mixtures, a maximum separation factor
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of only 3 was observed. The highest separation factors (up to 2000) were observed for
isopropanol-water mixtures.

It should be noted in the above case that along with

hydrogen bonding interactions, ion-dipole interactions also exist due to the presence of
sulfonate groups. In a separate study, Changlou et al. (1989) have used polyacrylamidepolyacrylonitirile composite membranes supported on cellulose acetate substrate, for the
separation of ethanol-water and isopropanol-water mixtures. For a 95 wt. % ethanolwater mixture at 40 °C, they observed a total flux of 0.17 kg/m2/hr and a separation factor
of 9. For a 90 wt. % isopropanol-water mixture, they obtained a flux of 0.13 kg/m2/hr
and a separation factor of 43.2.
The final class, which is capable of strong hydrogen bond interactions with water,
includes polymers containing carboxylic groups such as the acetates. Changlou and
coworkers (1989) have also reported the separation performance of ethanol-water and
isopropanol-water mixtures using cellulose triacetate (CTA) and polyvinylacetate (PVAc)
membranes.

For a 95 wt. % ethanol-water mixture at 40 °C, the CTA membrane

exhibited a flux of 0.25 kg/m2/hr and a separation factor of 8.51. Thus literature studies
indicate that the separation factors exhibited by the polyamide/imide and acetate
membranes are significantly lower (about 2 orders of magnitude) than the PVA
membranes. The lower separation performance as compared to PVA membranes can be
due to several reasons such as, higher rigidity of the polymer (in case of polyamides and
polyacetates) backbone leading to hindered diffusion of water, swelling of the polymer
and weaker hydrogen bonding interactions between water and the amide/carboxylic
groups.

Vdovin (1996) has observed a semi-logarithmic dependence between the

separation factor and the kinetic diameter of the organic solvent molecule. This is
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expected since as the kinetic diameter of the organic molecule increases, their diffusion
through the membrane matrix decreases significantly. Also, in most cases, the solvent
also becomes more ‘hydrophobic’ in nature resulting in lower sorption selectivity in the
membrane matrix.
Category 2. Ion-Dipole Interactions
These interactions are mainly present in polymers containing fixed charged ionic
groups, which can strongly interact with water. Some examples of such materials are
polymers containing partially quarternized ammonium basics, various ion-exchange
membranes (Nafion) and polyelectrolyte complexes (chitosan, cellulose sulfate, etc.).
Semenova et al. (1997) have reported the separation properties of a partially
quarternized copolymer of acrlyontirile and 3-N’,N’–dimethyl aminopropyl acrylamide
for ethanol-water mixtures at 30 °C. For a 90 wt. % ethanol-water mixture, they have
reported a total flux of 0.01 kg/m2/hr and a separation factor of 10000. The authors also
observed that as the feed water concentration was increased from 10 to 90 wt. %, the
separation factor dropped sharply from 10000 to 100. It is argued by the authors that the
separation factor for partially quarternized ammonium basics is a strong function of the
bound water present in the membrane. When the membrane is initially exposed to small
quantities of water, the water strongly interacts with the ionic sites and forms what is
known as the fixed’ or ‘bound’ water layer. As the membrane sorbs more water, the
excess water is present as ‘mobile’ or ‘loosely bound water’ layer. The ethanol present in
the feed solution has a higher solubility in the ‘mobile’ water in the membrane. Thus,
when the feed water concentration is increased, the quantity of ‘mobile’ water in the
membrane increases and hence the separation factor decreases.
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Freger et al. (1997) have studied the dehydration of ethanol-water mixtures by
ion-exchange membranes made of sodium polyethylene sulfonate.

For a 80 wt. %

ethanol-water mixture at 40 °C, the authors observed a maximum flux of 0.1 kg/m2/hr
and separation factor of 400. The authors also studied the performance of membrane
under various ionic capacities. As expected, the performance was significantly higher for
the membrane with higher ionic capacity due to the enhanced interactions between water
and the ionic groups. The dehydration of acetic acid-water mixtures by using modified
Nafion membranes has been reported by Kusumocahyo and Sudoh (1999). The authors
concluded that the best performance could be obtained by modifying the Nafion
membranes with long-chained counter ions. The modified Nafion membrane (Nafion,
(C8H17)4N+) exhibited a flux of 0.18 kg/m2/hr and a separation factor of 243 for 90 wt. %
acetic acid-water feed at 25 °C.
Shimidzu and Yoshikawa (1983) have suggested the use of Dimroth’s polarity
parameter, ET, as a measure of strength of interaction of the membrane with water.
Figure 2.4 shows the relationship between the ethanol-water separation factor and the
Dimroth polarity of the membrane active layer. It is obvious from the figure that when
the ionic interactions are the dominant interactions in the membrane matrix, the
separation factor is more strongly dependent on the membrane’s polarity. For membranes
in which the hydrogen bonding is the dominant interaction, the separation factor is a
weaker function of the Dimroth polarity.
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2.2.1.1.2 Apolar or Organophilic Polymers
The primary factor responsible for the separation efficacy of an organophilic
membrane is the hydrophobicity of the polymer. A highly hydrophobic polymer generally
has a strong affinity for organic solvents (such as trichloroethylene, toluene, ethyl acetate
and others) resulting in a considerably high sorption values and hence extremely good
separations. For most aqueous-organic separations, the organic molecule in consideration
is generally bigger than the water molecule. The diffusion selectivity therefore tends to
decrease the overall membrane selectivity. Thus, it is necessary that the organophilic
membrane material should exhibit a very high sorption selectivity in order to compensate
for the low diffusion selectivity.

Polydimethylsiloxane (PDMS) exhibits very high

sorption selectivities for apolar organic solvents and therefore has been commercially
used in the manufacture of organophilic pervaporation membrane modules. Bruschke
(1991) of GFT has mentioned that PDMS provides the best combination of properties
with respect to flux, selectivity and stability for removal of most organics. It should be
noted that the separation of alcohol (methanol, ethanol) - water mixtures is quite difficult
using PDMS membranes. Methanol and ethanol are highly polar molecules and thus
more hydrophilic in nature. As a result, PDMS has a low affinity for these solvents and
low separation factors are usually obtained. Changlou and coworkers (1987) have studied
the separation of ethanol-water mixtures using homogenous PDMS membranes. They
observed a maximum separation factor of 9 and a permeation flux of 0.001 kg/m2/hr, for
5 mol % ethanol-water solution at 25 °C.
Nguyen and Nobe (1987) have studied the removal of chlorinated and brominated
organics using PDMS membranes. They observed separation factors ranging between
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1,000 and 10,000 for the removal of chloroform and dichloromethane from aqueous
solutions. Lee et al. (1989) have investigated the chloroform-water separation using
polyvinyldimethylsiloxane (PVDMS), which is a derivative of PDMS. The researchers
obtained a chloroform-water separation factor of only 10 with PVDMS in contrast to
separation factors of about 1000 for PDMS membrane. Thus it is obvious that the
introduction of functional groups in the polymer backbone or as pendant groups, on the
PDMS membrane can radically alter the separation characteristics of the silicone
membrane. In fact, further proof of this fact can be found in the work published by
Bennett and coworkers (1997).

The overall separation efficiency of the membrane

module is quite often limited by the hydrodynamics of the module rather than the
membrane selectivity. Lipski and Cote (1990) have used silicone rubber hollow fibers for
removal of trichloroethylene (TCE) from wastewater streams. The authors have studied
the effect of module design on TCE separation factors. The authors observed extremely
high separation factors (in the range of 20,000 to 60,000) for the transversal flow module
due to improved mass transfer characteristics. On the other hand, for the inside flow
module (poor hydrodynamics), overall separation factors of only 5000 were obtained.
Thus, in the removal of trace VOC’s like TCE, the module design is also an important
factor in addition to appropriate membrane material selection. Athayde and coworkers
(1997) have discussed the details of module design and economics for removal of VOC’s
from wastewater in detail.
Other researchers have also investigated the use of other membrane materials for
removal of organics from aqueous solutions.

Brun et al. (1985) have used nitrile-

butadiene and styrene-butadiene copolymers to investigate the separation of trace
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quantities of chloroform from aqueous solutions. They observed that the nitrile-butadiene
rubber membrane exhibited sorption selectivity between 1000 and 2000 up to 700 ppm
chloroform concentration in the feed. The styrene-butadiene rubber membrane on the
other hand, exhibited a sorption selectivity between 2000 and 5000 within the same
concentration range. The high sorption selectivity of these membranes can be attributed
to the presence on unsaturated double bonds in the polymer structure. The unsaturation
causes these membranes to be highly apolar in nature. This was further proved by the fact
that these membranes displayed very low selectivities (in the range of 0.7 to 2.4) for
ethanol-water mixtures. Boddeker and Bengston (1990) have studied the removal of
phenol from water using polyether-block-polyamides (PEBA) membranes. At 100 ppm
feed phenol concentration and 50 °C, the researchers observed a total flux of 0.124
kg/m2/hr and an enrichment factor of 121.

2.2.1.2 Polymer-Ceramic Composites
Many a times, the polymeric membranes may fail to meet the desired separation
requirements. In such cases, it becomes necessary to add filler materials such as ceramics
and zeolites to improve the separation properties of the membrane. Ji and Sikdar (1996)
have performed an exhaustive review of various adsorbent-filled pervaporation
membranes, their separation performance, modeling and applications.

For sake of

brevity, a few selected examples of the separation results obtained by researchers with
adsorbent-filled membranes have been reported below.
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2.2.1.2.1 Organophilic Composites
Various researchers (Hennepe et al., 1987; Goldman et al., 1989) have proved
that the addition of zeolites to silicone rubber membranes can improve the alcohol to
water selectivity of these membranes. For organophilic membranes, the filler zeolite
should be selected such that it enhances the sorption of the organic species in the
composite membrane matrix. Thus it is a common practice to add zeolites like silica
(hydrophobic) to organophilic membranes.
Hennepe and coworkers (1994) impregnated silicone rubber membranes with
silicalite particles and studied the propanol/water mixture separation using the composite
membranes. They observed that the propanol sorption of the membrane increased almost
tenfold (from 0.5 to 5.5 wt. %) as the silicalite content of the membrane was increased
from 0 to 65 wt. %. Also, in actual pervaporation experiments with a feed containing 6
wt. % propanol, the researchers observed that the propanol flux increased from 18 to 21
g/m2/hr and the water flux decreased from 18 to 10 g/m2/hr as the silicalite content of the
membrane was increased from 0 to 65 wt. %. Kumar et al. (1997) have also investigated
the permeation and sorption properties of C1-C3 alcohols and carboxylic acids in
silicalite filled silicone membranes. For the carboxylic acids and isopropanol, it was seen
that the flux through the membrane decreased in presence of the filler. Interestingly, the
authors observed an inverse pattern for methanol and ethanol. This anomalous behavior
has been explained on basis of a dual sorption model for filled membranes. Jia et al.
(1992) have investigated the use of silicalite filled PDMS membranes for ethanol-water
separation. The ethanol-water separation factor increased from 7.3 to 29 and the total
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flux increased from 26 to 52 g/m2/hr when the silicalite concentration in the membrane
was raised from 0 to 70 wt. %.

2.2.1.2.2 Hydrophilic Composites
For hydrophilic polymer-ceramic composite membranes, the filler added should
be hydrophilic in nature. Hence, A type of zeolites have been widely used as fillers in
hydrophilic polymer-ceramic composites.
Goldman et al. (1989) have used modified PVC membranes impregnated with
zeolite NaA particles to enhance water/ethanol separation performance. The researchers
observed that for a 95 wt. % ethanol feed at 30 °C, the water to ethanol separation factor
increased from 2.4 to 28.8, when the zeolite NaA content of the membrane was increased
from 0 to 59 wt. %. Zeolite-filled PVA membranes have been extensively studied by Gao
and coworkers (1996) for the separation of alcohol-water mixtures. These authors noted
an increased flux through the membrane for hydrophilic zeolites such as zeolite NaX,
CaX, NaA and KA. It was also seen that the fluxes increased with increasing zeolite pore
size.

2.2.1.3 Zeolitic/Ceramic Materials
Zeolites/ceramics have been conventionally used as catalysts (Rabo, 1976; Corma
et al., 1998; Larachi and coworkers, 1998 ), ion exchangers (Garcia et al., 1996; Bae and
Seff, 1996; Ahmed et al., 1997) and adsorbents (Jasra and coworkers, 1991; Gel’ms et
al., 1972). The potential of using these materials for membrane-based solvent separations
like pervaporation (Jafar and Budd, 1997; Kondo et al., 1997) and reactive separations
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(Frisch and coworkers, 1999) has been realized only in recent years. Most polymeric
membranes fail to give an optimal performance over a broad spectrum of solvents and
concentration ranges, in terms of flux and selectivity.

For example, composite

polyvinylalcohol (PVA)-polyacrylonitrile (PAN) membranes are excellent for solvent
dehydration applications. However, the water/solvent separation factor drops by two
orders of magnitude in the presence of feeds containing high concentrations of water (>
50 wt. %). This is mainly due to the plasticization/swelling effects of water on the PVA
active layer of the membrane. In addition, these types of polymeric membranes are not
suitable for solvents like dimethylformamide (DMF). Another shortcoming of polymeric
hydrophilic membranes is their failure to separate methanol-water mixtures.

Both

methanol and water are highly polar species with similar sizes, and as a result the
diffusivities of both molecules through the hydrophilic polymer matrix is approximately
the same, resulting in low selectivities.
Synthetic zeolites have a highly crystalline ordered structure and hence offer the
unique advantage of narrow pore size distribution. The structure of a few commercial
zeolite membranes is shown in Figure 2.5. Also, due to their inorganic nature, these
materials possess higher resistance to a variety of solvents and stability at elevated
temperatures. These distinctive properties, which are very critical for many membrane
applications, make the use of zeolite membranes more attractive than polymeric
membranes. The zeolite (or ceramic) membranes could be potentially used in many
pharmaceutical applications, which are typically low-volume processes and may contain
harsh solvents like dimethylformamide, tetrahydrofuran, etc, and inorganic salts.
Depending on the silica content, the zeolites can also be classified into hydrophilic and
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β cage
D4R linkage
α cage
a) Zeolite NaA Membrane (hydrophilic)
Molar Composition - Na2O / SiO2 / Al2O3 = 2 : 2 : 1

D6R linkage

b) Zeolite NaY Membrane (hydrophilic)
Molar Composition - Na2O/SiO2/Al2O3 = 14 : 10 : 1

Figure 2.5 Structure of Commercial Zeolite Membranes
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organophilic membranes.

A higher silica content is usually indicative of a higher

hydrophobic character.

2.2.1.3.1

Hydrophilic Inorganic Materials

The hydrophilic zeolite membranes typically have a high alumina to silica content
in order to have a high hydrophilicity. In addition, the cage diameter or free aperture size
of these materials is small. Water is a small molecule with a kinetic diameter of about 2.6
A°. Therefore, to achieve a high water to alcohol selectivity, the cage size should be such
that it allows easy permeation of the water species but at the same time, molecularly
sieves the bigger organic solvent molecules. It should also be noted that only a partial
molecular sieving of the solvent species takes place. Most zeolite membranes have
molecular level defects (non-zeolitic domains) present in them. The organic solvent
molecules can permeate through these defects decreasing the membrane selectivity. The
details about the solvent permeation through the zeolite membranes will be discussed in
further detail in latter chapters.
van Gemert and Cuperus (1995) have developed novel silica based ceramic
membranes for the dehydration of organic mixtures. The authors dehydrated ethanolwater mixtures containing water concentrations between 2 and 9 wt. %. At 60 °C, the
flux for the system varied between 0.15 and 0.35 kg/m2/hr and the selectivities were
observed to be between 160 and 50. Kitao and Asaeda (1990) have also studied the use
of silica membranes for dehydration of organic acids. For a 90 mol. % acetic acid
mixture, they observed a selectivity of 450 and a flux of 0.9 kg/m2/hr at 90 °C. It can be
seen that both the flux and selectivity obtained for different mixtures are relatively low.
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This is expected since the membranes are silica-based and thus have a low affinity for
aqueous species.

Kita et al. (1995) have reported the synthesis and pervaporation

properties of zeolite NaA membrane on porous ceramic support for dehydration of
organic/water mixtures. The membranes were synthesized hydrothermally on the surface
of a porous cylindrical substrate of α-alumina. The researchers using these membranes
obtained excellent separation results. For an ethanol-water feed containing 10 wt. %
water at 75 °C, a flux of 2.15 kg/m2/hr and a selectivity of 10,000 was obtained. The
performance of these membranes is far superior as compared to the silica based
membranes. The main reasons for this improved performance are the high hydrophilicity
(higher alumina to silica ratio) and smaller cage size of the zeolite A material. Kita and
coworkers also showed that these membranes can be effectively used to separate mixtures
such as DMF-water and methanol-water, which is difficult using polymeric membranes.
The zeolite cage usually has positively charged metal ions (Na+, K+) electrostatically
bound to the aluminosilicate framework. Na+ was the ion present in the zeolite A
membranes used by Kita and coworkers. Jafar and Budd (1997) have investigated the
effect of the type of the counterion on the separation properties of the zeolite A
membranes. The researchers used two forms of the A membrane in their work; Na form
and K form. They did not observe a significant difference in the flux and the separation
factor for the two forms of the membranes. Thus, it appears that for the Na and K forms
of the zeolite A membrane, the separation is not dramatically affected. However, the
authors state that cation exchange could diminish the integrity of the membrane. Also,
there is a distinct possibility that the membrane properties could change for other forms
such as Ca, Mg, etc..
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2.2.1.3.2

Hydrophobic Inorganic Materials

The development of hydrophobic zeolite membranes is still in a nascent stage
mainly due to the fact that the currently available polymeric membranes exhibit a good
separation performance for such applications.

The two materials, which have been

commonly studied for their organic permeation behavior, are silicalite and ZSM-5. Sano
et al. (1994, 1997) have performed a detailed study on the preparation and pervaporation
properties of silicalite membranes. For a 5 wt. % ethanol-water solution at 30 °C, the
authors observed a flux of 0.22 kg/m2/hr and a selectivity of 59. However for 15 wt. %
acetic acid-water mixture under the same conditions, the membranes exhibited a flux and
selectivity of 0.038 kg/m2/hr and 2.6 respectively. The authors suggest that the decreased
performance in the case of acetic acid-water mixtures could be possibly due to the fact
that the carboxyl groups of acetic acid molecules already sorbed onto the zeolite crystals
change the surface properties (increased hydrophilicity) of the membrane.

Liu and

coworkers (1996) have also studied the separation of alcohol-water mixtures using
silicalite membranes. For a 10 wt. % methanol-water system at 32 °C, a flux of 1
kg/m2/hr and a separation factor of 10 were obtained. The low methanol to water
selectivity can be attributed to the high polarity of the methanol molecule and hence a low
affinity for silicalite. The membrane did exhibit a high selectivity (255 for 0.8 wt. %
acetone-water feed) for acetone–water mixtures since acetone has a greater
hydrophobicity than ethanol.
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2.2.2

Organic-Organic Separations
Organic-organic separations are commonly encountered in the petroleum, oil

refining and petrochemical industries. A few examples of such separations are removal
of methanol from methyltertiarybutylether (MTBE), separation of methanol from toluene,
separation of xylene isomers and others. Membrane based organic-organic separations
are generally considered more difficult than aqueous-organic separations due to issues of
low selectivity and solvent stability of membranes. Hence, the primary focus of many
researchers over the last few years, has been in the development of novel polymeric
materials and investigation of currently used polymers for organic-organic separations.

2.2.2.1 Polymeric Materials
The most difficult organic-organic separations are the ones wherein the solvents
under consideration are very similar in nature in terms of hydrophobicity and molecular
size.

Rautenbach and Albrecht (1980) have studied the separation of benzene-

cyclohexane mixtures using polyethylene membranes. The authors observed that at low
concentrations of benzene in the feed (< 0.6 wt. %), benzene preferentially permeated
through the membrane. The highest benzene to cyclohexane selectivity exhibited by the
membrane was approximately 2.5. At concentrations higher than 0.6 wt. % benzene,
cyclohexane was found to be selectively transported through the membrane. The total
flux through the membrane was found to go through a maxima. The highest flux through
the membrane was observed to be 2 kg/m2/hr for 0.6 wt. % benzene in the feed at 35 °C.
Yamaguchi and coworkers (1992), on the other hand, functionalized the polyethylene
backbone with methyl acrylate graft monomer through a process called plasma-graft
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polymerization.
significantly.

This helped enhance the separation selectivity of the membrane

For a 50 wt. % benzene-cyclohexane feed at 25 °C, the researchers

observed a benzene to cyclohexane separation factor of 14.8.

The separation of

chloroform and carbon tetrachloride was also tested using the same membranes. The
chloroform to carbon tetrachloride separation factor was determined to be 2.8 at the same
feed conditions as mentioned above. Thus it appears that the plasma-graft polymerized
polyethylene membranes can selectively separate unsaturated and saturated compounds
but fail to separate saturated compounds with different degrees of chlorination. The
authors seek to explain such differences in the membrane separation properties by taking
into account Hansen’s solubility parameters for the membrane and the solvents under
consideration.
Ruckenstein and Sun (1995) have investigated the use of composite hydrophobichydrophilic membranes for the separation of benzene and ethanol.

This type of

separation is typically easier since one of the species is distinctly different from the other
species in terms of hydrophilicity and molecular size.

Thus a hydrophilicity-

hydrophobicity balance in the membrane can aid the preferential permeation of required
species through the membrane. The composite membranes studied by Ruckenstein and
Sun, were made by a concentrated emulsion polymerization method wherein styrene
containing some styrene-butadiene-styrene three block copolymer (SBS) was dispersed in
a solution of a hydrophilic monomer. The composite membranes were benzene selective.
For a 50 wt. % benzene-ethanol feed at 20 °C, the membrane displayed a reasonably good
separation factor of 8.43 and a total flux of 0.43 kg/m2/hr.
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Zhou et al. (1996) have used polypyrrole membranes to separate methanol-toluene
mixtures. For a 5 wt. % methanol-toluene feed at 60 °C, the membrane displayed a total
flux of 0.23 kg/m2/hr and a separation factor of 590. The membranes were also used to
separate methanol-MTBE mixtures. For a 10 wt. % methanol-MTBE mixture at 50 °C,
the membrane displayed a total flux of 0.05 kg/m2/hr and a separation factor of 80. The
selectivity for methanol-MTBE mixtures is lower than methanol-toluene mixtures
because toluene is a more apolar molecular than MTBE and hence is rejected strongly by
the hydrophilic membrane.

Dutta and Sikdar (1991) have used composite

perfluorosulfonic acid (PFSA) membranes for the separation of alcohol-cyclohexane
mixtures. At 55 °C, for a feed containing 0.4 wt. % isopropanol, the membrane showed a
flux of 1.5 kg/m2/hr and a separation factor of 8. The selectivity for ethanol-cyclohexane
mixture under similar conditions was observed to be 30. This trend is expected since
isopropanol is less polar than ethanol and hence its transport through the membrane will
be lesser causing the selectivity to decrease. Some other researchers (Tanihara et al.,
1995; Boom et al., 1998) have also reported the use of other polymers and polymer
composites for organic-organic separations.

2.2.2.2 Ceramic or Zeolitic Materials
The number of citations in literature involving the use of ceramic membranes for
organic-organic separations is limited. Matsukata and coworkers (1996) have reported
the use of zeolite-alumina composite membranes for separation of benzene/p-xylene
mixtures. Benzene/p-xylene separation factors in the range of 100 to 160 were obtained
for feed compositions ranging from 43 to 53 mol % benzene. Thus, it is obvious that the
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high membrane selectivities are obtained due to the molecular sieving properties of the
zeolite. The two methyl groups present on the p-xylene molecule sterically hinder its
diffusion through the zeolite cages as compared to the benzene molecule. As a result, the
membrane displays high benzene/p-xylene selectivities.
Kita et al. (2000) have investigated both X and Y type of zeolite membranes for
separation of a variety of organic mixtures such as alcohol/benzene, alcohol/cyclohexane
and alcohol/MTBE.

In all cases, the alcohol was the preferentially permeating

component. At 50 °C, for a 10 wt. % methanol/benzene feed, the NaX membrane
showed a flux of 1.25 kg/m2/hr and a separation factor of 24. The corresponding flux and
selectivity for methanol/MTBE mixture (under similar conditions) was observed to be
0.26 kg/m2/hr and 320 respectively.

It is obvious that the diffusion of the MTBE

molecule is more difficult than the benzene molecule and hence methanol/MTBE
selectivity is higher.

In contrast, the NaY membranes show significantly high

selectivities (3300 to 3800) for both methanol/benzene and methanol/MTBE mixtures.
Since the cage size of both NaX and NaY is approximately the same (7.4 A°), the
differences in selectivity cannot be explained on the basis of molecular sieving effects
alone. The authors propose that the high selectivity observed for NaY membranes is due
to a stronger sorption of methanol in the zeolite pores which obstructs the permeation of
the larger solvent molecule. van Gemert and Cuperus (1995) have also studied the
separation of methanol/MTBE mixtures using silica based membranes. For a 10 wt. %
methanol/MTBE mixture at 35 °C, the membrane however showed a flux and selectivity
of 0.041 kg/m2/hr and 18.7 respectively. Thus it is obvious that zeolite NaY membranes
exhibit a superior performance for alcohol/MTBE and alcohol/aromatic separations.

CHAPTER 3
PERVAPORATION TRANSPORT MODELS

For scale-up of the pervaporation process, it is necessary to develop models that
can predict performance of the pervaporation membranes under a variety of feed and
process conditions. A fundamental understanding of the driving force, sorption and
diffusion processes in dense membranes is imperative for this purpose. The development
of accurate transport models can help reducing time-consuming experiments, better
design of membrane materials and also assist in troubleshooting. The pervaporation
process depends on a number of variables. These factors can be broadly classified into
two categories which have been further divided into sub-factors :
1) Process Variables
a) Feed Composition
- concentration of the various components
- nature of the permeating species
- interactions between the species and the membrane
b) Feed Temperature
c) Permeate Pressure
d) Feed Side Flow Rate
2) Intrinsic Variables
a) Nature of Membrane
- nature of the polymer
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- presence of functional groups
- crystallinity
- presence of fillers
b) Degree of crosslinking
- crosslinking density
- availability of side-groups after cross-linking
c) Degree of plasticization/swelling
- variation in thickness of active layer
- variation in free volume due to plasticization
The ideal goal is to develop a comprehensive model, which can take into account
the effect of all the parameters listed above. Some factors (such as availability of sidegroups and thickness variation of active layer) are however less important than others
(like feed temperature and nature of membrane). Thus any modeling effort would have to
encompass as many of the important factors as possible. This chapter will attempt to
delve into some of the models proposed by researchers and the scope for future work in
the modeling area.

3.1 Generalized Dense Membrane Transport Models
3.1.1 Thermodynamics of Irreversible Processes (TIP)
The driving force for permeation of pure component through a dense membrane is
the chemical potential gradient of the species across the thickness of the membrane. The
transport model equation for dense membrane-based processes relates the chemical
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potential driving force to the flux for each species.

The simplest transport model

equation can be written as
J i = − Li

dµ i
dz

3.1

where Ji is the flux of species i, Li is a phenomenological constant and µi is the chemical
potential of species i at distance z in the membrane active layer. The phenomenological
constant Li in equation 3.1 may be dependent on the concentration of the permeating
species (Lonsdale et al., 1965; Merten, 1966). It is obvious from equation 3.1 that the
flux of component i depends only on its chemical potential gradient. However, this may
not be always true. In certain cases, coupling of fluxes occurs, that is, the flux of species
i depends on the chemical potential gradient of all the components in the system. This
coupling effect has been modeled by thermodynamics of irreversible processes. The
model starts from the basic premise that any transport process is an irreversible process
and as the components permeate through the membrane, there is a continuous generation
of entropy (Mulder, 1991). The flux of component i on the basis of this model can be
written as
J i = −∑ Lij

dµ j

j

dz

3.2

where Lij is a constant representing the effect of component j on permeation of
component i. The chemical potential of any species i in an isothermal system may be
expressed as
dµ i = RTd ln(ai ) + Vi dP

3.3

where ai is the activity, Vi is the molar volume of component i, T and P are the
temperature and the pressure of the system. Substituting equation 3.3 in 3.2, we have
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d ln a i
dP 

J i = −∑  Lij RT
+ LijVi

dz
dz 
j 

3.4

Equation 3.4 is a generic equation that can be used to model the permeation process
through any dense membrane. The disadvantage of the TIP theory is that the term Lij is
only a phenomenological constant with no real physical significance and for most
modeling exercises, it would have to be treated as an adjustable parameter. This problem
arises because the model originates from basic thermodynamic considerations and does
not take into account the kinetic effects such as diffusion, which are an integral part of
any permeation process.

3.1.2 Maxwell-Stefan Transport Model
The transport of multicomponent mixtures has also been described by the
Maxwell-Stefan equation (Krishna and Wesselingh, 1997; Lightfoot, 1974; Maxwell,
1866; Stefan, 1871). This equation takes into account the interactions between all the
diffusing species in the mixture. The equation is written as follows:

− ∇µ i = RT

n

∑

k =1, k ≠ i

xk

(v i − v k ) i = 1,2,......n
Dik

3.5

where xk is the mole fraction of species k in the mixture, vi and vk are the velocities of
components i and k in the mixture respectively and Dik is the Maxwell-Stefan i-k pair
diffusivity. Dik is a measure of the interaction between components i and k in the
mixture. The flux of species i (Ji) can be written in terms of the velocity as
J i = C t xi v i
Equation 3.5 can be written in terms of the component fluxes as

3.6
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−

n
(x k J i − xi J k ) i = 1,2,......n
xi ∇µ i
= ∑
RT
Ct Dik
k =1, k ≠ i

3.7

It is conventional to express the left hand side of equation 3.7 in terms of mole fraction
gradients by introducing a (n-1) by (n-1) matrix of thermodynamic factors denoted by
[Γ].

xi ∇µ i n −1
= ∑ Γik ∇xk i, k = 1,2,......n - 1
RT
k =1

3.8

∂lnγ i
i, k = 1,2,......n - 1
∂x k

3.9

Γik = δ ik + x i

In equation 3.9, γi is the activity coefficient of species i in solution and δik is the
Kronecker delta whose value is equal to unity for i = k and null for i ≠ k. Therefore, in
matrix notation, equation 3.7 can be written as
− C t [Γ] (∇xi ) = [Κ ](J i )

3.10

[Κ] is the matrix of Maxwell-Stefan pair diffusivities written as shown in
equations 3.11 and 3.12.

Κ ii =

n
xi
xk
+ ∑
Din k =1, k ≠i D ik

 1
1 

Κ ik ( i ≠ k ) = − xi 
−
D
D
in 
 ik

i = 1,2,......n - 1

i, k = 1,2,......n - 1

3.11

3.12

3.1.3 Fickian Model
The Fick’s law is simply represented as
J i = − Di

dCi
dz

3.13
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where Di is the diffusion coefficient of species i and dCi/dz is the concentration gradient
of species i. Fick’s law has been commonly used to model diffusive processes and it has
also found application in membrane processes. In most cases, the diffusion coefficient is
not a constant, but strongly depends on the feed composition, temperature, interaction
between components and membrane swelling (for polymeric systems). For polymeric
membranes, the membrane undergoes maximum swelling on the feed side.

The

concentration of the permeating species decreases from the feed side to the permeate side.
This concentration gradient gives rise to a swelling gradient across the membrane
thickness.

In case of moderately to highly swollen membranes, a Hittorf frame of

reference wherein the membrane material is considered stationary with respect to the
frame of reference, is preferred over the Fick’s system (Fels and Huang, 1970; Heintz
and coworkers, 1991; Paul, 1974; Rautenbach and Albrecht, 1985).
 D
J i = − i
 1 − φi

 dC i

 dz

3.14

where φi is the volume fraction of component i in the polymer matrix.

3.1.4 Analogy Between Transport Models
It is important to note that the Maxwell-Stefan model and the ‘thermodynamics of
irreversible processes’ theory are analogous. According to Maxwell-Stefan theory (in
equation 3.5), the chemical potential gradient of species i depends on the flux of both the
components i and j. Equation 3.2, on the other hand, shows that the flux of component i
depends on the chemical potential gradient of all the species in the mixture. Equation 3.2
can be easily rearranged to a form similar to equation 3.5. It can thus be proven that both
Maxwell-Stefan model and the TIP model are inherently similar.
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It can be proven that the TIP model can be reduced to the familiar form of Fick’s
law under certain simplifying conditions. If it is assumed that the pressure gradient
across the membrane and the coupling effects are negligible, equation 3.4 can be written
as
J i = − Li RT

d ln ai
dz

3.15

For a polymer-solvent system, ai is generally a function of the concentration (Ci) or
volume fraction (φi) of species i in polymeric materials whereas for zeolite-solvent
system, ai is commonly dependent on the site occupancy (θi) of species i in the zeolite
matrix. Therefore, equation 3.15 can be rewritten in terms of concentration gradient as
 L RT d ln a i
J i = − i
 C i d ln C i

 dC i

 dz

3.16

It should be noted that equation 3.16 can also be written in terms of the volume fraction
(φi) or the site occupancy (θi). Various researchers (Mulders and Smolders, 1984; Zhu et
al., 1989) have used equation 3.16 with concentration-dependent Li, to predict
pervaporation fluxes. The term in the brackets in equation 3.16 can be replaced by the
Fickian diffusion coefficient (Di) to yield equation 3.17.
Di =

Li RT d ln ai
C i d ln C i

3.17

It is clearly seen that equation 3.16 represents the Fick’s law for permeation of solvent
species through a dense membrane. Also, it is obvious that the Fickian diffusivity is not a
constant but is dependent on the concentration of species i in the membrane material.
To prove that the Maxwell-Stefan transport model can be simplified to the Fick’s
law, one simply has to rewrite equation 3.10 as
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(J i ) = −Ct [Κ ]−1 [Γ](∇xi )

3.18

Equation 3.18 is called the generalized form of Fick’s law. The Fickian diffusivities [D]
from equation 3.18 can be represented as

[D] = [Κ ]−1 [Γ]

3.19

Equation 3.19 shows that the Fickian diffusivity D is comprised of the drag or frictional
component (denoted by [K]-1) and the thermodynamic component (denoted by [Γ]). As a
result, in most cases, the Fickian diffusivity is not a constant but depends on the mixture
composition. When the binary pair Maxwell-Stefan diffusivities (Dik) are equal to one
another and the mixture is thermodynamically ideal (Γik = 1), then the Maxwell-Stefan
diffusivities are the same as Fickian diffusivities and the generalized Fick’s law is written
as

(J i ) = −Ct [D](∇xi )

3.20

Thus it is obvious that starting from any of the transport models, one should
converge on a similar set of flux equations making the right assumptions and
simplifications. This will be illustrated in detail for the case of polymeric and zeolite
membranes in a further discussion.

3.2 Pervaporation Transport Models
The transport theories described in the previous section are general models, which
can be applied to various membrane transport processes. In order to apply these models
to pervaporation process, an understanding of the various possible mechanisms of
transport is necessary. Depending on the mechanism and the related assumptions, the
mathematical treatment and the final form of the above models will vary.
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3.2.1 Solution-Diffusion Model
According to the solution-diffusion model, the transport process in pervaporation
essentially can be visualized to occur by the following series of steps:
1) Transport of the species from the bulk liquid phase to the feed-membrane interface.
2) Preferential sorption of the species at the feed-membrane interface.
3) Diffusion of the species through the membrane.
4) Desorption and evaporation of the species at the membrane-permeate interface.
Step 1 depends on the cross-flow velocity of the feed across the membrane surface. The
design of modules nowadays is such that a high cross-flow velocity is almost always
maintained across the membrane as a result of which the mass transfer resistance of the
first step is negligible. However, the first step becomes critical when the species to be
transported across the membrane are present in very small proportions in the feed and the
selective sorption of the membrane for the same species is very high (the concentration
polarization effect). An appropriate example of such a situation would be the removal of
VOC’s from aqueous solutions by organophilic membrane using pervaporation (Athayde
et al., 1997). Step 4 is a very rapid step when permeate pressures are low. However as
the permeate pressures approach the partial vapor pressure of the permeating species, the
permeate flux does become dependent on the rate of vaporization (Frenesson et al.,
1986).
The solution-diffusion model is the most widely accepted model for the
pervaporation process (Mulder and Smolders, 1986; Kataoka et al., 1991). The model
states that the steps 2 and 3 mentioned above are generic to all pervaporation processes.
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Steps 1 and 4 on the other hand are dependent on the process conditions. The model
assumes that the pressure and temperature variation through the membrane is negligible.
There is a step change in both the pressure and the temperature at the permeate interface.
Figure 3.1 shows a schematic of the chemical potential/gradients existing in the
pervaporation process according to the solution-diffusion model. One of the common
assumptions of the solution-diffusion model is that the pressure across the membrane
thickness is a constant. The relevance of this assumption to the pervaporation process is
that the vaporization of the species occurs on the permeate interface of the membrane.
Within the membrane, no phase change is possible since the pressure is a constant.
However, in reality, this may not be true i.e. the pressure may vary gradually across the
membrane thickness. Kataoka et al. (1991) have assumed a linear pressure profile across
the membrane thickness and simulated the effect of variables such as feed and permeate
pressure on the pervaporation performance. Their simulation results showed that both
reverse osmosis and pervaporation show identical flux and separation behavior at very
high feed pressures (> 100 atm).

Also, the simulations showed that a higher

pervaporation flux and lower selectivity would be observed for a linear pressure profile
as compared to a flat pressure profile. The solution-diffusion model requires knowledge
about the sorption of the various species on the membrane and the diffusion of the same
through the membrane. Several researchers (Aptel et al., 1974; Ghai et al., 1987; Kim
and Kammermeyer, 1970; Nguyen, 1987) have delved into such theoretical aspects of
solution-diffusion model for liquid permeation through dense membranes.
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µi,f = µim,f or
ai,f = aim,f

Permeate Side
Feed Side

Permeate Interface
µi,p = µim,p or
ai,p = aim,p
Membrane Active Layer

Constant Pressure Pf
throughout Membrane
Feed Pressure - Pf

Permeate Side
Feed Side

Permeate Pressure - Pp

Membrane Active Layer

Figure 3.1 Chemical Potential and Pressure Profiles Across Pervaporation Membrane
According to Solution-Diffusion Model
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3.2.2 Pore Flow Model
Sourirajan and Matsuura (1985) were among the first ones to propose the pore
flow or preferential sorption-capillary flow model to explain the transport mechanism and
analyze the data for reverse osmosis and gas separation processes. This model was
successful in explaining the negative rejections observed for reverse osmosis membranes.
The model basically assumes the existence of micropores in the membrane material
through which permeation of the liquid species takes place. At the mouth of the pore on
the feed-membrane interface, preferential sorption of one of the species takes place.
There is a sharp change in the concentration gradient at this point because the feed
components come under the influence of a strong force field present in the pores. The
liquid then flows through the pores via a capillary flow mechanism. Sourirajan et al.
(1987) have extended the pore-flow model to pervaporation membranes. According to
the newly proposed mechanism, feed liquid enters the membrane pores on the feed side.
At a certain thickness (zl) in the membrane, the liquid undergoes a phase change to the
vapor phase. The vapor phase then traverses along the remaining length (zv) of the pore
and emerges on the permeate side. Figure 3.2 shows a schematic of the pervaporation
process in a membrane pore. Thus the pervaporation process can be considered as a
combination of liquid transport (reverse osmosis) and vapor transport (gas separation) in
series.
Based on the above model, the total flux equation (Okada and Matsuura, 1991)
appears as
Bj 2
Q

B
J t =  (Pf − Psat ,mix ) + i Pi ,2sat − Pi ,2p +
Pj , sat − Pj2, p  (y i M i + y j M j )
z
z
z


(

)

(

)

3.21
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Feed Liquid
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Psat,mix
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Figure 3.2 Schematic of Pervaporation Process in a Membrane Pore (Adapted from
Okada and Matsuura, 1991)
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In the above equation, Q, Bi, Bj are constants, z is the thickness of membrane, Pf is the
feed pressure at pore inlet, Pi,p is the partial pressure of component i on permeate side,
Pi,sat is the partial saturation pressure of component i on feed side, yi is the permeate mole
fraction of component i and Mi is the molecular weight of component i. It is apparent
from equation 3.21 that the total flux according to the pore-flow model depends on the
pressure gradient across the membrane. The ratio Bj/Bi decides the selectivity of the
membrane for a particular component. For example, for ethanol-water mixtures at 40 °C,
the authors have shown that if a ratio of 0.001 is assumed then water is strongly enriched
in the permeate whereas for a ratio of 10, it is found that ethanol preferentially permeates
through the membrane. In contrast, according to the solution-diffusion model, the total
flux depends on the concentration gradient across the membrane. Okada et al. (1991)
have extended the above model to predict ethanol/water separation using silicone and
PVA membranes. The authors observed that the pore flow model could explain the
trends for ethanol/water-silicone membrane system quite well. However, it failed to do so
for the ethanol/water-PVA membrane system. The reason for this is the fact that the pore
flow model fails to take into account membrane swelling and hence pore enlargement at
high water concentrations.

3.2.3 Thermodynamic Vapor Liquid Equilibrium (VLE) Model
Wijmans and Baker (1993) visualized the pervaporation process as two separate
steps, a vapor liquid equilibrium step followed by a vapor permeation step. In the first
part, the liquid feed is assumed to be in equilibrium with a hypothetical feed vapor which
is in contact with the membrane. The hypothetical feed vapor is then assumed to sorb
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and permeate through the membrane. Figure 3.3 shows a pictorial representation of the
hypothesized process.
Wijmans and Baker have used a modified form of equation 3.16 to derive the
final flux equation. The concentration Ci can also be expressed as product of total
concentration Ct and the mole fraction xi.
 L RT d ln ai
J i = − i
 xi d ln xi

 dxi

 dz

3.22

It has been assumed in the thermodynamic VLE model that the term in the brackets is a
constant and can be equated to the diffusion coefficient Di. Integrating equation 3.22
over a membrane thickness z, we have,
Ji =

Di
( xif , m − y ip ,m )
z

3.23

where xif,m and xip,m are the mole fractions of species i on the membrane feed surface, on
the feed and the permeate side respectively. To find the value of xif,m, let us imagine a
situation wherein the component in the feed is in equilibrium with a hypothetical vapor
which in turn is in equilibrium with the component i on the membrane surface.
Thermodynamically this situation is not different from the actual situation.

Now

equating the chemical potential of the component i in the hypothetical vapor with that on
the surface of the membrane, we have

µ i , sat + RT ln(γ if ,v xif ,v ) + RT ln

P
Pi , sat

= µ i , sat + RT ln(γ if ,m xif ,m ) + Vi ( P − Pi , sat )

3.24
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Figure 3.3 Visualization of Thermodynamic Vapor Liquid Equilibrium Model for the
Pervaporation Process (Adapted from Wijmans and Baker, 1993)

51
where γif,v and γif,m are the activity coefficients and xif,v and xif,m are the mole fractions of
the component i in the hypothetical vapor and the membrane respectively. Simplifying
equation 3.24, we have
xif ,m =

xif ,v γ if ,v P

γ if ,m Pi , sat exp[( P − Pi , sat ) / RT ]

3.25

Assuming that the exponent term ( Poynting factor ) is 1, we have
xif ,m =

γ if ,v
γ if ,m Pi , sat

Pif ,v

3.26

where Pif,v is the partial pressure of the component i in the hypothetical vapor phase. The
term γif,v / (γif,mPi,sat) is termed as the Henry’s constant (Hi). Now for equilibrium
Pif ,v = Pi , f

3.27

where Pi,f is the partial pressure of component i in the feed. Hence, we have
xif ,m = H i Pi , f

3.28

Using a similar type of equation for the permeate side, we have
xip ,m = H i Pi , p

3.29

Substituting equation 3.28 and 3.29 in equation 3.23, we have,
Ji =

Di H i
( Pi,f - Pi,p )
z

3.30

The inherent assumptions about the sorption and diffusion coefficients made in the above
equation are that the diffusion coefficient Di is constant and sorption in the membrane
follows the Henry’s law.

Based on these assumptions the normalized flux or the

permeability of the membrane would be assumed to be a constant. For the ethanol/waterPVA membrane system however, Wijmans and Baker (1993) observed that the water
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permeability varied by an order of magnitude (from 0.001 to 0.01 cm3(STP)/cm2-s-cm
Hg) as the feed water concentration was increased from 10 to 100 wt. %. Thus it is
obvious that the above model cannot be used for systems involving significant membrane
swelling and non-ideal effects. However, the above model can be useful to explain the
flux trend over small range of feed concentrations where variations in membrane swelling
and coupling effects can be neglected.

3.2.4 Pseudophase-Change Solution-Diffusion (PPCSD) Model
Shieh and Huang (1998) have proposed a modified version of the solutiondiffusion model. Similar to the pore flow model, this model takes into account the fact
that the phase change occurs within the membrane. However, permeation both in the
liquid and vapor zone takes place by the solution-diffusion mechanism.

The mass

transport process thus is a combination of liquid and vapor permeation mechanisms in
series. Also, contrary to the assumption of the solution-diffusion model, the pressure
across the membrane is not a constant. Based on the PPCSD model, the final form of the
flux equation for a pure component, is very similar to that of the pore flow model.

(

)

C 2
B

J t =  (Pf − Psat ) +
Psat − Pp2 
z
z


3.31

Although the equation is similar, it should be noted that the value of the constants B and
C is different from the pore-flow model. The authors also assume that the solubility of
the component depends linearly on the feed concentration whereas the diffusivity varies
linearly with the sorbed concentration. The PPCSD model has been successfully used to
predict the permeation of pure hexane through polyethylene membranes at various
permeate pressures.

It is observed experimentally that the pervaporation flux is
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dramatically affected when the permeate pressure approaches the saturation pressure.
The PPCSD model can predict this sharp variation quite accurately.

3.2.5 Dusty Gas Model for Zeolite Micropores
The transport mechanism through zeolite micropores is different from that
through the polymeric membranes. Within zeolite micropores, the surface forces are
extremely dominant and any adsorbed molecule can not escape from the strong force
field of the pore irrespective of its position. The steric effects are critical and the diffusion
through a zeolite micropore is considered to be an activated process wherein the diffusing
species undergoes a series of jumps between regions of low energy potential. Karger and
Ruthven (1992) have considered the diffusing molecules within a zeolite micropore to
form a single adsorbed phase. Diffusion of this adsorbed phase through the zeolite cages
is called either configurational diffusion, intra-crystalline diffusion, micropore diffusion
or simply surface diffusion. The dusty gas model has been used to model the bulk and
Knudsen diffusion through zeolite micropores (Mason and Malinauskas, 1983;
Wesselingh and Krishna, 1990). Krishna (1990, 1993a,b) has extended the dusty gas
model approach to the description of the surface diffusion of species within the
micropores. According to this approach, the sites within the micropores of the zeolite
cage are considered to be the n+1th species in the system. The diffusing species are
assumed to hop from one site to the other. Figure 3.4 shows a pictorial representation of
the surface diffusion of adsorbed species on the zeolite surface. Equation 3.5 can be used
to model this system with inclusion of an additional term for the n+1th species.
n

− ∇µ i = RT ∑θ k
k =1

(v i − v k ) + RTθ (v i − v n+1 ) ,
Diks

n +1

Dis,n +1

i = 1,2,......n

3.32
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Figure 3.4 Surface Diffusion of Adsorbed Species on Zeolite Sites by Hopping
Mechanism (Adapted from Krishna and Wesselingh, 1997)
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In the above equation, xk has been replaced by θk, which represents the fractional site
occupancy of species k. The term θn+1 represents the fraction of the vacant sites present
in the system. Dsi,n+1 represents the Maxwell-Stefan pair diffusivity of species i with
respect to the vacant sites. It is conventional to express the Maxwell-Stefan pair
diffusivity in terms of the surface diffusivity (DsiV) as

Dis,n+1
D =
θ n+1
s
iV

3.33

Although this model has been conventionally used to describe the permeation of gaseous
species through zeolite cages, it is thought that this model can be extended to the
transport of liquid mixtures as well.

3.3 Sorption
It has already been mentioned that knowledge of sorption of all species in the
membrane material is essential to predict the pervaporation behavior.

The sorption

usually strongly depends on the material-solvent interactions, degree of cross-linking,
feed composition and temperature. Ideal sorption can be expected when the interactions
between the penetrating components is weak. This is mainly observed for sorption of
gases in polymers. If ideal sorption is assumed, the concentration of a component in the
membrane at equilibrium, is linearly proportional to its concentration in the feed. Also
the concentration of other components in the feed, does not affect the sorption of the
primary or main component. Although some researchers (Lee, 1975; Shieh and Huang,
1998; Wijmans and Baker, 1993) have used ideal sorption for pervaporation modeling,
this is generally not a good assumption due to the stronger interaction of liquids with
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polymeric and ceramic materials. Researchers have therefore proposed various models to
predict the sorption of multicomponent liquid mixtures in pervaporation membranes.

3.3.1 Flory-Huggins Theory
The sorption of multi-component mixtures in polymers can be explained by
Flory-Huggins (Flory, 1953) thermodynamics wherein the activity of a species in the
polymer can be expressed as a function of the volume fraction of the species, the molar
volumes of the components and the Flory-Huggins interaction parameters. The FloryHuggins theory takes into account both enthalpic and entropic effects into the free energy
of mixing (∆Gm). For a three component system comprising of two solvents and a
polymer, the free energy of mixing is given by the following equation.
∆Gm = RT (x1 ln φ1 + x 2 ln φ 2 + χ 12 xiφ j + χ 1 p xiφ p + χ 2 p x 2φ p )

3.34

where x and φ are the mole fraction and volume fractions resepectively and χ’s are the
adjustable parameters. Subscripts 1, 2 and p denote solvents 1, 2 and the polymer
respectively. Differentiation of equation 3.34 with respect to the mole fraction yields the
equations for activity prediction of solvents 1 and 2 in the polymeric system as a function
of the volume fractions.
 V
ln a1m = ln φ1 + φ 2 1 − 1
 V2

 V

 + φ p 1 − 1
 V
p




 + (χ 12φ 2 + χ 1 pφ p )(φ 2 + φ p ) − χ 2 pφ 2φ p V1

V2


3.35

 V
ln a 2m = ln φ 2 + φ1 1 − 2
 V1

 V

 + φ p 1 − 2
 V
p




 + (χ 12φ1 + χ 2 pφ p )(φ1 + φ p ) − χ 1 pφ1φ p V2

V1


3.36

In the above equations, am is the activity in the membrane and χ12, χ1p and χ2p are the
binary interaction parameters.
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The value of the parameters χ1p and χ2p, can be experimentally determined by
pure component swelling experiments whereas the value of χ12 can be determined by
fitting vapor-liquid equilibrium (VLE) data to the Flory-Huggins binary equation (Favre
et al., 1993). Attempts have also been made to theoretically calculate the value of the
solvent-polymer binary interaction parameters (Casassa and Berry, 1989). As shown in
equation 3.37, the interaction parameter is considered to be summation of two terms; the
enthalpic (χh) and the entropic term (χs).

χ = χs + χh = χs +

Vs
(δ s − δ p )2
RT

3.37

For PDMS based mixtures, the entropic term (χs) is usually set equal to 0.45 (Bueche,
1955) while the enthalpic term (χh) is obtained from the solubility parameters of the
solvent and the polymer.

The Flory-Huggins theory has been very successful in

predicting the sorption of organic apolar solvents in rubbery polymers. Some typical
examples are chloroform-PDMS, benzene-PDMS and carbon tetrachloride-PDMS
systems.

However, poor agreement between theoretical and experimental results is

observed in the case of associated or polar solvents.
Variable interaction parameters have been used to extend the predictability of the
Flory-Huggins theory to polar systems as well. Kennedy (1980) has proposed the use of
a quadratic, empirical relationship which has three adjustable parameters.

χ = χ 0 + χ iφ p + χ 2φ p2

3.38

The use of above correlation resulted in a significant improvement for prediction of
alcohol isotherms in PDMS.

Koningsveld and Kleintjens (1971) have proposed a
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different form of the interaction parameter and volume fraction dependence, based on the
lattice graph theory.

χ =a+

b(1 − c )
1 − cφ p2

(

)

3.39

In the above equation, a is an empirical entropy correction term, c ≈ 2/Z (Z is the lattice
coordination number which is usually set to 10) and b is given by
b=

(Z − 2)∆ω

3.40

RT

where ∆ω is the difference between the interaction free enthalpy of unlike neighbours.
The drawback of the Koningsveld-Kleintjens approach is that the value of the parameters
a, b and c cannot be predicted but has to to be determined by fitting experimental data.

3.3.2 Flory-Rehner Theory
Flory and Rehner (1943) have proposed an additional term in the Flory-Huggins
equation, to take into account the elastic forces contribution for a cross-linked polymer.
The Flory-Rehner equation for a simple, binary polymer-solvent system is written as

 V
ln a sm = ln φ s + 1 − s
 V

p



V ρ
 + χφ p2 +  s p

 M c


 1 / 3 φ p 
 φ p − 
2 


3.41

where Mc denotes the molecular weight between two cross-link points and ρp is the
polymer density. The elastic term calculation assumes that the coiling of the chain is
unaffected by the presence of neighbouring polymer molecules, which is true only for
dilute or highly swollen polymer solutions. Thus the above equation underestimates the
elastic contribution, especially in the case of crystalline polymers (Doong and Ho, 1991;
Gundert and Wolf, 1989). It can be seen from equation 3.41 that as the value of Mc tends
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to infinity, the predicted activity tends to approach the values predicted by Flory-Huggins
theory. In fact, when the value of Mc tends to infinity, the equation simplifies to the
Flory-Huggins equation. This trend is expected because a high value of Mc implies a
lower degree of cross-linking and the polymer properties would tend towards that of an
uncrosslinked polymer.

3.3.3 UNIQUAC/UNIFAC Model
The use of group contribution models such as UNIQUAC (UNIversal QUasiChemical Theory) and UNIFAC (UNIQUAC Functional-Group Activity Coefficients),
has become popular in recent years for prediction of component solubilities in polymers.
UNIQUAC is an acronym for universal quasi-chemical equation or model (Abrams and
Prausnitz, 1975; Grant and Higuchi, 1989; Yalkowsky and Banerjee, 1992). This model
is used to correlate and predict liquid-vapor and liquid-liquid equilibria, i.e., solution
properties such as activity coefficients, partition coefficient, Henry's law constant. The
term UNIFAC is an acronym for UNIQUAC Functional-Group Activity Coefficients, and
combines the concept that a liquid mixture is composed of a solution of functional groups
with an extension of the UNIQUAC theory of liquid mixtures (Fredenslund et al., 1975;
Gmehling, 1986).

While UNIQUAC model applies essentially to compounds

themselves, UNIFAC model was initially proposed to provide a new group contribution
method for predicting the activity coefficients in liquid mixtures of nonelectrolytes.
Oishi and Prausnitz (1978) applied the UNIFAC model to polymeric solutions (dilute
concentrations of polymer) after adding a term for free volume correction and observed a
good agreement for a variety of solvent-polymer systems. Goydan et al. (1989) extended
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Oishi and Prausnitz’s UNIFAC model to predict sorption of organic compounds in
polymers and obtained fairly accurate results.
Heintz and Stephan (1992, 1994) have modeled the sorption of highly non-ideal
systems such as alcohol-water mixtures in PVA, using the UNIQUAC theory.
UNIQUAC theory states that the activity of component i (ai) in a system is the sum of a
combinatorial part (aiC) mainly due to differences in molecular size and shape and a
residual part (aiR) reflecting energetic interactions. According to the UNIQUAC theory,
the activity of component i in a multi-component liquid mixture containing n species, can
then be expressed as
ln a i (x1 ,.....xi ,......x n ) = ln φ i +

θ
Z
q i ln i
2
 φi

n

r
 + l i − ∑ φ j i l j
rj
j =1


n

− q ln ∑ θ τ ji + q − q
*
i

j =1

*
j

*
i

n

*
i

∑
j =1

θ *j τ ij

3.42

n

∑θ τ
k =1

*
k kj

where

φi =

ri xi

3.43

n

∑r x
j =1

j

j

 qi 
 φ i 
r
q i xi
θi = n
=  i 
n q

qjxj
 j φj 
∑
∑


j =1
j =1  r j


3.44

 q i* 
 φ i 
*
ri
q
x
θ i* = n i i =  * 
n q

qi* x j
 j φj 
∑
∑


j =1
j =1  r j


3.45
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li =

Z
(ri − qi ) − (ri − 1)
2

3.46

In equations 3.42 to 3.46, θ and θ* are the surface fractions of the various components in
the mixture, r, q, q* and l are parameters related to the size and shape of the molecule, Z
is the coordination number. τij and τji are binary interaction parameters describing the
intermolecular interactions between the various components.

These parameters are

generally obtained by fitting the VLE data of the liquid mixture to the above equation.
For polymeric systems, it is easier to express ai as a function of the volume fractions φi in
the system. The main reason for this is the fact that the mole fraction of the polymer is
generally very small compared to the solvent species, due to its high molecular weight.
For polymeric systems (m refers to the polymer), equation 3.42 takes the form




θ
Z
ln a i (φ1 ,.....φ i ,......φ n , φ m ) = ln φ i + q i ln i  + l i − ∑ φ j
2

Z  q
− riφ m  1 − m
rm
2

 φi 

n

j =1

ri
lj
rj

m
m
θ *τ
 
 − 1 − qi* ln ∑θ *j τ ji + q i* − q i* ∑ n j ij

j =1
j =1
 
∑θ k*τ kj

3.47

k =1

The solvent-membrane parameter τim in equation 3.47, is generally estimated by
fitting equation 3.47 to the pure component vapor sorption data. The last two terms in
equations 3.42 and 3.47 (terms containing q* and θ*) have been specifically added to
take into account the hydrogen bonding present in the system. The inclusion of these
terms aids the prediction of sorption isotherms for highly associating non-ideal systems.
In fact due to the presence of the modified surface parameters (q* and θ*), equations 3.42
and 3.47 represent UNIQUAC-HB (UNIQUAC-Hydrogen Bonding) model (Anderson
and Prausnitz, 1978; Prausnitz et al., 1986). Heintz and Stephan (1994) successfully
modeled the sorption of alcohols from aqueous-organic mixtures using the above theory.
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For example, they predicted a maximum methanol sorption of 0.38 (in terms of volume
fraction) from methanol-water mixtures. A maximum ethanol sorption of 0.3 was also
predicted using the same theory.

These values match well with the observed

experimental values. Also, since methanol is more polar than ethanol its sorption value
would be expected to be higher than ethanol. This trend is reasonably predicted by the
UNIQUAC theory. Besides Heintz and Stephan, Jonquieres et al. (2000) have used this
approach to model other non-ideal ternary systems such as ethyl acetate-ethanol in
polyurethaneimide (PUI) membranes.

The strong synergy effects observed for the

swelling of PUI membranes could be effectively modeled by this method. The model has
also shown superior capabilities in predicting the solubilities of other systems such as
cyclohexane/benzene and cyclohexane/toluene in a polyurethane membrane (Enneking et
al., 1993). The only drawback of the UNIQUAC model is that it requires knowledge of
the pure component vapor sorption isotherm and the VLE data for the liquid mixtures to
generate the values of the binary interaction parameters. Very often, such data is hard to
find in literature making the applicability of this model difficult.

3.3.4 Engaged Species Induced Clustering Model (ENSIC)
The ENSIC model is a semi-empirical, mechanistic model that has been proposed
by Favre et al. (1993, 1996). The model considers the probability of insertion of a
solvent/vapor molecule in a polymer matrix already containing some previously sorbed
species. Two parameters are used to define the interactions in the system: ks, which
defines the affinity between the solvent species being sorbed and the solvent species
already sorbed and kp, which determines the affinity between the solvent species and the
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polymeric species.

This theory bridges the gap between the simple one parameter

theories like Flory-Huggins and the more sophisticated multiparameter theories like
UNIQUAC.
Based on the assumption of lattice framework of the penetrant-polymer system
(i.e. the same volume of polymer segment and penetrant cell as in the Flory-Huggins
theory) and an ideal gas phase, the final expression for the ENSIC model appears as

(k −k )a
e s p s −1
φs =
(k s − k p )/ k p

3.48

Equation 3.48 can be used to describe both concave (i.e. Langmuir type) and convex
(Flory Huggins type) behavior, depending on the respective values of ks and kp. When
the affinity of the solvent being sorbed for the polymeric segments is higher than its
affinity for the sorbed species, i.e., kp >> ks, then the model shows Langmurian type
behavior. On the other hand when the solvent/solvent affinity is stronger than the
solvent/polymer affinity, the model exhibits Flory-Huggins type of behavior. When ks is
equal to kp, the model follows Henry’s law, i.e., the sorption of the solvent is directly
proportinal to its activity in the vapor phase. This model is especially attractive for cases
where there is a strong affinity between the solvent species, leading to formation of
solvent clusters in the polymer phase. Several other researchers have indirectly observed
the formation of solvent clusters in polymer.

For example, Yasuda (1962), while

studying the sorption of water in polymers, observed a deviation from the linear behavior
to BET type III isotherm, which is indicative of solvent clustering. Nguyen et al. (1996)
have found evidence of both water and alcohol clustering in membranes by using InfraRed (IR) spectroscopy. Rogers (1965) and Favre et al. (1994) have observed that the
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diffusion coefficient of certain penetrants through the polymer matrix decreases with an
increase in the volume fraction of the penetrant, which is indirect proof of the solvent
clustering phenomenon. The strength of the ENSIC model thus lies in the fact that it can
give a mechanistic insight into the solvent clustering effect. Jonquieres et al (1998) have
used the ENSIC model to predict the pure vapor sorption of ethanol and ethyl acetate in
polyurethanimides (PUI) and have obtained an excellent fit. The residual sum of squares
(RSS) for ethanol and ethylacetate sorption in PUI was found to be less than 0.4. The Rsquared value for this fit was found to be 0.998. This fit was better than that obtained by
Flory-Huggins theory. However, the drawback of this model is that it is difficult to
extend to multicomponent systems.

3.3.5 Sorption in Zeolites
Ceramic pervaporation membranes are typically made from one of five different
types of zeolites: zeolite A, X, Y, silicalite and ZSM-5. These zeolites are mainly
classified based on their cage size and hydrophilicity. Both the hydrophilicity and the
cage size are varied by changing the ratio of the various oxides (Na2O, SiO2 and Al2O3)
in the membrane. Typically, the zeolite tends to be more hydrophobic if the SiO2 content
is higher. Also when sodium is present as the counterion in the membrane lattice, then
the zeolites are named as NaA, NaX and NaY. Sorption of most species in molecular
sieves can be considered as a physical sorption process due to the fact that no electron
transfer is involved in the process. Normally, any physical adsorption process includes
both van der Waals dispersion-repulsion forces and electrostatic forces comprising of
polarization, dipole, and quadrupole interactions. However, since the zeolites have an
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ionic structure, the electrostatic forces become very large in the adsorption of polar
molecules like H2O. This effect is manifested in the fact that the heat of adsorption of
water on zeolitic adsorbents is unusually high (25-30 kcal/mole) (Ruthven, 1984). The
heat of adsorption is a direct measure of the strength of bonding between the sorbate and
surface thus proving that there is a very strong interaction between water and the ionic
species in the zeolite cage. In fact, the heat of adsorption values (for water sorption on
zeolites), are of the order of the chemisorption process which is again indicative of strong
ionic interactions.

Researchers (Kiselev, 1971) have evaluated the contribution of

electrostatic forces in the adsorption of various polar molecules in the NaX zeolite,
through heat of adsorption experiments. They found that the contribution of electrostatic
forces to the heat of adsorption for H2O, NH3, CH3OH and C2H5OH were 80 %, 80 %, 72
% and 63 % respectively. Equilibrium sorption data for zeolites are commonly presented
as isotherms plotting the adsorbed concentration versus partial pressure for gases or
concentration for liquids. Although a detailed theoretical analysis for complex polar
molecules is difficult, the structural regularity of molecular sieves makes possible the
prediction of sorption isotherms for simple adsorbates such as the rare gases.

3.3.5.1 Henry’s Law
Most adsorption systems exhibit linear behavior in the low concentration range.
The Henry’s law constant (H) is defined as ‘the ratio of the partition functions for
adsorbed and gaseous molecules duly corrected for the difference in potential energy’
(Ruthven, 1976). Mathematically, it can be expressed as
H=

 ug − us
fs

exp
f g' kT
 kT





3.49
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In the above equation, fs and f’g are the partition functions for adsorbed molecule and
partition function per unit volume for free gaseous molecule respectively. ug and us
represent the free energy of the gaseous molecule in the free gaseous and the sorbed state
respectively whereas k is the Boltzmann constant.

For a monoatomic species or

polyatomic species in which the rotational and internal freedom are not modified by
sorption, the term on the right hand side of equation 3.49 can be written as
 ug − us
fs
exp
'
fg
 kT


u (r )
 = Z 1 = ∫ exp −
 ⋅ dr
kT


V

3.50

Z1 is known as the configuration integral for an occluded molecule and u(r) is the
potential energy of adsorbed molecule (relative to the gas phase) as function of position
within the cavity. The Henry’s constant H decreases exponentially with temperature
according to the Arrhenius law,
 − ∆q s 
H = H 0 exp

 RT 

3.51

where ∆qs represents the heat of sorption of the sorbate on the zeolite. The heat of
sorption can also be theoretically expressed as a function of the configuration integral.
− ∆q s
u (r )
 u (r )
= 1− ∫
exp −
 ⋅ dr
RT
Z
kT
kT

1
V

3.52

It is possible to know the position of each ion in the zeolite lattice by X-ray
crystallographic studies and hence one can calculate u(r) by summing the dispersion,
repulsion and polarization energies of interaction of the sorbate molecule with each ion in
the lattice. From evaluation of u(r) and the configuration integral, one can then calculate
the heat of sorption ∆qs and the Henry’s constant H. Derrah and Ruthven (1975) have
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performed such theoretical computations for sorption of inert gases in zeolites A and X
and obtained fairly accurate results.
Extension of the above theory to more complex molecules however, is quite
difficult. For molecules with strong dipole or quadrupole moments, the electrostatic
interactions must also be included in the above calculations. It is also necessary to take
sorbate-sorbate interactions and molecular rotation into account. Researchers obtained
poor agreement between theory and experiment when an attempt was made to calculate
the Henry’s law constant and the heat of sorption for CO2 in zeolite 5A. Hence, the use
of adsorption isotherms to model adsorption on zeolites has become more popular.

3.3.5.2 Langmuir Adsorption Isotherm
This model assumes that the zeolite crystal lattice contains a fixed number of
distinct, identical adsorption sites (θt) on which the species get adsorbed.

If no

interaction between adsorbed molecules on neighboring sites is assumed, then the simple
Langmuir equation can be written as

θs =

sPg

3.52

1 + sPg

where θs is the site occupancy of the sorbate, Pg is the pressure of the free sorbate in the
gaseous phase and s is a constant.

The Langmuir constant s also has a similar

temperature dependence as the Henry’s constant.
 − ∆q s 
s = s 0 exp

 RT 

3.53

The Langmur equation fails to take into account the interaction between adsorbed
molecules and the heterogeneity of the adsorption sites. As a result, it has been used to
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model only a few systems such as Kr-5A (Derrah and Ruthven, 1975) and C3F8-13X
(Barrer and Reucroft, 1960) over a limited range of concentrations (θs< 0.5). Some
modified expressions have been suggested to take care of the above limitations but only
with limited success (Barrer and Reucroft, 1960; Rees and Williams, 1964).

3.3.5.3 Statistical Thermodynamics Model
For most molecular sieves, the assumption of fixed number of adsorption sites is
erroneous. This is because the zeolitic materials do not show an exact saturation limit for
the sorbate but rather the saturation sorbate concentration increases slowly with applied
pressure and decreases at elevated temperatures. It is thus obvious that the sorbate
displays bulk fluid-like properties mainly such as an increase in concentration at higher
pressures (compressibility) and lower temperatures (thermal expansion) (Barrer and
Sutherland, 1956; Barrer et al., 1957). It is therefore thought that one can view the
process of zeolite sorption simply as the filling of intracrystalline zeolite micropores by
the condensed adsorbate. This has been proven by the fact that the sorption capacity of
the zeolite can be estimated as a ratio of the intracrystalline volume and the molecular
volume of the saturated adsorbate (Breck and Grose, 1973).
The concept of pore filling of zeolite micropores has been used to develop a
simple statistical isotherm mainly applicable to zeolites types A, erionite and chabazite,
in which the intracrystalline space is divided into discrete cavities interconnected through
small windows. It is assumed that the potential energy is uniform throughout a single
cavity and there is a significant energy barrier between two cavities. This assumption
ensures that an adsorbed molecule stays confined within a given cavity. It is free to move
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within the cavity but cannot hop from one cavity to another. A second assumption made
is that there is no intermolecular attraction and when a cavity contains more than one
molecule, the interaction can be accounted for by a reduction in the free volume. The
configuration integral for a cavity containing n molecules (Zn) becomes
Zn
Zn = 1
n!

 nβ s
1 −
Vz






n

3.54

Z 1 = HkT

3.55

where Z1 is the configuration integral for a cavity containing one molecule, βs is the
volume of a sorbate molecule and Vz is the volume of the zeolite cavity. The expression
for the equilibrium isotherm (Ruthven, 1971; Ruthven and Loughlin, 1972) can then be
written as:

q=


 mβ s
2
 HPg 1 −
Vz

 2 β 

HPg +  HPg 1 − s  + .......... + 
(m − 1)!
V z 







m


 mβ s
2
 HPg 1 −
Vz
 2 β 
1

1 + HPg +  HPg 1 − s  + ............ + 
2! 
V z 
m!






m
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where the saturation limit in terms of molecules per cavity is given by m ≤ Vz /βs. All the
parameters in the above equation except H are known, which can be estimated from the
initial slope of the low concentration region of the isotherm. Equation 3.56 has been
found to fit the isotherms for several light hydrocarbons in zeolite 5A sieve well
(Ruthven and Loughlin, 1972). The model has also been used to correlate equlibrium
data for CO2 in different zeolites (Coughlan et al., 1975). However, the model does not
give a good fit for sorption of polar molecules in the zeolite cages. Polar molecules tend
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to undergo sorption at localized sites within the zeolite cages and therefore the
assumption of an uniform field for such systems is inappropriate.

3.3.5.4 Adsorption Potential Theories
Due to the limited applicability of the model isotherm equations, several
generalized thermodynamic models have been developed. One example of this approach
is the application of Polanyi potential theory to zeolitic adsorbents (Dubinin, 1960). It is
assumed that the adsorbed fluid is similar to the saturated liquid adsorbate.

The

equilibrium data is correlated in terms of the adsorption potential (εp) which is defined as
the difference in the free energy between the adsorbed fluid and the pure saturated liquid
sorbate.
 Pg
 f 
ε p = RT ln  ≈ RT ln
 fs 
 Psat





3.57

In equation 3.57, Pg represents the equilibrium pressure of the species in equilibrium with
the zeolite and Psat refers to the saturation or vapor pressure of the species at that
temperature. According to the potential theory, a plot of the volume of fluid adsorbed
versus the adsorption potential (εp) should yield a temperature invariant characteristic
curve. This trend can be expressed in form of the Dubinin-Radushkevich (D-R) equation.
 ε
q
p
= exp − 

q sat
  ε ′p







2






3.58

In the above equation, ε’p is a constant which depends on the characteristics of the
sorbate-sorbent system. The characteristic curve for any system can be established by
fitting data from an isotherm covering a wide range of pressures or from isotherms at
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several temperatures. With the help of D-R equation, one can then predict the isotherm at
any other temperature.
The D-R equation is a modification of the Dubinin-Polanyi equation (D-P) which
took into account only the dispersion-repulsion forces and the temperature invariance was
thus introduced into the theory. The theory does not incorporate electrostatic interactions
(dipole and quadropole forces) , which are temperature dependent. However, it has been
observed that over small temperature ranges (25 to 125 °C), the D-R equation can still be
used to model the sorption of polar compounds such as NH3, H2O and CO2 in 4A and
13X zeolites (Cointot et al., 1970). A severe limitation of the D-P and the D-R equations
is that these cannot be reduced to the Henry’s law at low sorbent concentrations.
However, these equations do provide a common correlation for a wide range of
equilibrium data and prediction of isotherms at different temperatures.

3.4 Diffusion
The diffusion of the various species through the dense membrane is generally the
rate-controlling step in the pervaporation process. The diffusion process through the
membrane is a very complex phenomenon, namely due to the coupling effect of the
diffusing species, the plasticizing effect of the diffusing species in case of polymeric
materials and the dependence of the diffusion coefficient on the concentration of the
diffusing species. A variety of different models, both fundamental and semi-empirical,
have been proposed to explain the diffusion of a component through the membrane
material.
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3.4.1 Free Volume Model
The diffusion of molecules through polymer networks basically occurs due to the
passage of these molecules through the voids and intermolecular spacing between the
polymer chains. Thus the diffusion of the various permeants occurs through the “free
volume” of the polymer and the diffusion coefficient of the permeant can be expressed as
a function of the fractional free volume of the polymer and two adjustable parameters,
which are representative of the permeant-polymer interactions (Fujita et al., 1960; Fujita,
1961; Kreituss and Frisch, 1981). The thermodynamic diffusion coefficient (DiT) of
component i through a polymer film can be expressed as
E
DiT = RTC i exp i
V
 fp






3.59

where Ci and Ei are constants and Vfp is the free volume of the polymer. Yeom and
Huang (1992a) obtained good agreement between calculated and experimental
diffusivities for permeation of

benzene, toluene, hexane and heptane through

polyethylene films using equation 3.59. Fang et al. (1975) have extended the free volume
theory to explain the diffusion of gases and liquid mixtures through polymer networks.
Yeom and Huang (1992b) have also proposed an equation for diffusion of a binary
mixture through a membrane. This model assumes that the total free volume of the
system is the sum of the free volume of the polymer and the increase in free volume due
to the plasticizing actions of the two components. Mathematically, the thermodynamic
diffusivity (DiT) can then be written as
−1
  f (0, T ) κ (T )
κ j (T )E j  
i
DiT = RTC i exp− 
+
φi +
φj 
Ei
Ei
  Ei
 

3.60
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where ƒ(0,T) is the free volume fraction of the dry polymer and κ(T) is a proportionality
constant. An inherent assumption in equation 3.60 is that the free volume parameters [Ci,
Ei, Ej, ƒ(0,T), κ(T)] for single component systems remain unchanged in the binary
mixture.
The strengths of Vrentas and Duda’s free volume model (de Pinho et al., 1990;
Jeon and Kim, 1992) and Pace-Datyner’s molecular model (Sferraza and Gooding, 1988)
have been combined together in Doong and Ho’s model (Doong and Ho, 1992).
According to this model, single penetrant diffusivity in a polymer can be given as
Di =

 w ϑ * + w2ϑ 2*ξ 
1 2

Ω ϑ exp − 1 1


6
V
+
σ
w
fp
1



3.61

where Ω is the jumping distance of the penetrant, ϑ is the average jumping frequency, Vfp
is the free volume of the polymer (per gram) and wi is the weight fraction of species i in
the polymer. ξ is the ratio of the molar volume of the penetrant V1* at 0 K to the molar
volume of the polymer jumping unit V2* at 0 K. σ is the concentration coefficient of the
penetrant to increase the free volume of the penetrant-polymer system.

The three

adjustable parameters in the above model are Ω, V2* (or ξ) and σ. Equation 3.61 can also
be generalized to multicomponent system (Doong et al., 1995).
n

 ϑi* M i ∑ w j / M j
1
j =1

Di = Ω i2ϑi exp −
k
6
 V fp + ∑ σ j w j
j =1









3.62

Equation 3.62 could successfully predict the separation of toluene/mesitylene and pxylene/mesitylene mixtures using polyethylene membranes. The “free volume” model
however, has a couple of limitations. It cannot satisfactorily explain the diffusion of
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molecules through swollen membranes (Dutta and Sikdar, 1996).

Also, a lot of

experimental data is required to determine the various parameters in the model. Due to
these drawbacks, the semi-empirical correlations describing the diffusion of species
through the polymer on a macro-level are more popular.

3.4.2 Semi-empirical Correlations
A variety of semi-empirical diffusivity-concentration relations have been
proposed by researchers to model permeation through dense membranes. Lee et al.
(1975) have assumed a constant diffusivity to model diffusion through a dense
membrane. Kataoka et al. (1991) and Wijmans et al. (1993) have also used a constant
diffusivity to develop permeation equations for pervaporation membranes. However, it is
well known that the diffusion coefficient of the species through a polymer depends on the
concentration of the permeating species. An improved model was proposed by Greenlaw
et al. (1977). The diffusion coefficient was now assumed to be a linear function of the
concentration of the permeating species.
Di = Di0 (C i + S ji ⋅ C j )

3.63

where Sji is an empirical constant signifying the coupling or the interaction between the
two components.

Using equation 3.63, the researchers predicted the separation of

heptane and hexane using polyethylene films.
The Long model (Aptel et al., 1974), which assumes an exponential dependence
of diffusivity on concentration, has been conventionally used to model pure component
permeation through dense films.
Di = Di0 exp(γ i C i )

3.64
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Based on equation 3.64, Suzuki and Onozato (1982) proposed a new model for
multicomponent permeation through dense membranes.
Di = Di0 exp(γ i Ci + γ j C j )

3.65

The parameter γ, in equation 3.64, takes into account the plasticizing effect of the species
on the polymer matrix. In equation 3.65, the exponential parts of the expressions for Di
and Dj are the same. This equation has therefore been replaced by the more popular ‘sixcoefficient’ model, which has been widely used to model complex, non-ideal ternary
systems (Brun et al., 1985a; Brun et al., 1985b; Jeon and Kim, 1992; Jonquieres et al.,
1996).
Di = Di0 exp(γ ii C i + γ ij C j )

3.66

A novel approach has also been proposed by Bitter (1984, 1991) wherein the
swollen membrane is treated as a homogeneous liquid mixture consisting of polymer and
penetrant. A modified Vigne equation can then be used to calculate the self-diffusion
coefficient of component i (Dim*) in the mixture.
n

*
ln Dim
= φ i ln Dii* + ∑ φ j ln Dij∞

3.67

j =1

In equation 3.67, Dii* is the self-diffusivity of component i, Dij* is the binary diffusivity of
i in j at infinite dilution of i. Both these parameters can be obtained from empirical
equations for calculating diffusion coefficients as well as desorption experiments. Most
of the semi-empirical equations also suffer from the same disadvantage as free volume
models in that a number of constants and parameters have to be evaluated experimentally.
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3.4.3 Diffusion in Zeolites
Diffusion within the micropores of the zeolite is generally less well understood
than macropore diffusion. Zeolitic diffusion is fundamentally different from Knudsen
and molecular diffusion because the molecule experiences a strong force field within the
pore. As a result, zeolitic diffusivities are strongly concentration dependent and they also
show an exponential dependence on temperature indicating that the process occurs in an
activated fashion. Also from equation 3.19, the Fickian diffusivity (Di) can be expressed
as a product of two terms; the thermodynamic or Maxwell-Stefan diffusivity (DiT or[K]-1)
and the thermodynamic factor ([Γ] or dlnai /dlnxi). For sorption and diffusion of pure
gases in zeolites, the equation can be simply represented as
D = DT

d ln P
d ln C

3.68

where P is the pressure of the gas adsorbed on the zeolite and C is the concentration of
the adsorbate in the gaseous phase. In an adsorbed phase, ideal behavior is observed in
the low concentration limit where dlnP/dlnC

equals 1.

However, at higher

concentrations, dlnP/dlnC is usually a strong function of concentration. It should be
noted that although both the Fickian and thermodynamic diffusivity are concentration
dependent, the concentration dependence of DT will be less pronounced due to the
introduction of the thermodynamic factor.
To model permeation of multicomponent mixtures through zeolite membranes,
evaluation of component Maxwell-Stefan surface diffusivities (defined in equation 3.33)
is important. Several models have been proposed for evaluation of the Maxwell-Stefan
surface diffusivity. One model (Aust et al., 1989) expresses the surface diffusivity as a
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function of the displacement of the adsorbed species χ and the jump frequency ϑi (θt) as
shown in equation 3.69.

DiVs =

1 2
Ω ϑi (θ t )
Z

3.69

where θt is the total surface coverage of the species and Z represents the coordination
number or the number of nearest neighbor sites. If the jump frequency is independent of
the surface coverage, i.e. ϑi (θt) = ϑi (0), it remains a constant and the surface diffusivity
is also independent of the surface coverage.

DiVs =

1 2
Ω ϑi (0 )
Z

3.70

Barrer (1978) and Riekert (1971) suggested that the jump frequency would decrease with
an increase in the surface coverage of the species. If it is assumed that a molecule will
jump only to a vacant site, then the jump frequency and the surface diffusivity can be
expressed as

ϑi (θ t ) = ϑi (0)θ v , DiVs =

1 2
Ω ϑi (0)θ v
Z

3.71

where θv is the fraction of vacant sites in the zeolite matrix.
van den Broeke and coworkers (1995) have proposed a slightly different model to
explain diffusion in zeolitic structures with interconnected cages like zeolites A and X.
In this model, the jump frequency ϑi (θt) varies with the total site occupancy θt in a power
law type fashion, as shown in equation 3.72.
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DiVs =

[

]

[

1 2
1 2
mZ
mZ
Ω ϑi (θ t ) =
Ω ϑ i (0)1 − θ t = DiVs (0)1 − θ t
mZ
mZ

]

3.72

where the factor "mZ" represents the maximum number of nearest neighbor sites per cage
and (1 - θtmZ) is the probability that at least one of the sites is vacant.

For three

dimensional cage structures such as zeolite A and X, the suggested values of m and Z are
2 and 4 respectively (Aust et al., 1989). For pore-type zeolites such as ZSM-5, values of
1 and 1 have been suggested for m and Z respectively. It is evident from equation 3.72
that the surface diffusivity of the species through the pores depends on the number of
vacant sites present on the surface. At low surface coverages (θt= 0 - 0.2), the value of
θt8 is very low and the surface diffusivity is practically independent of the surface
coverage. However, at high surface coverages, the value of θt8 cannot be neglected and
the diffusivity becomes dependent on the surface coverage. More complicated models
taking pore interconnectivity and pore blockage into account have been proposed by
researchers (Chen and Yang, 1991, Chen et al., 1994).
The term Dsik in equation 3.32 represents the adsorbate i- adsorbate k interactions
in the zeolite pore. This coefficient can be viewed as the tendency of species k to be
replaced by species i at an adsorption site. Obviously, Dsik is then expected to depend on
the jump frequencies of species i and k. The simplest model assumes that the MaxwellStefan i-k pair diffusivity is dictated by the lower of the two frequencies.

Diks =

1 2
Ω ϑk (θ t ),
Z

ϑk (θ t ) < ϑi (θ t )

3.73

It should be noted that within a single narrow pore of zeolite crystals, the molecular
species cannot pass each other. In other words, there is room for only one type of
molecular species at a given time.

This phenomenon is referred to as single file
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diffusion. In that case, the i-k pair diffusivity can be ignored. Krishna (1990) has
suggested a different procedure for the estimation of the i-k pair diffusivity.

[

]

Diks = DiVs (0)

θ i / (θ i +θ k )

[D

s
kV

(0)]θ

k

/ (θ i +θ k )

3.74

Equation 3.74 is an extension of Vignes generalization for diffusion in liquid mixtures.
The estimation of the i-k pair diffusivity is experimentally more difficult and hence most
models are empirical in nature.
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3.5 PROPOSED PERVAPORATION MODELS
Some generic assumptions made in the transport modeling of both polymeric and
zeolite membranes, have been outlined below:
1) The solution-diffusion mechanism is assumed to hold true.
2) The temperature across the membrane thickness is constant.
3) The resistance of the microporous backing to transport of the solvent species is
negligible.
4) The coupling effects between solvent species are negligible.

3.5.1 Hydrophilic Polymeric Membranes
It has been observed that most models in literature have limitations for predicting
the separation of alcohol-water mixtures using polyvinylalcohol membranes. The main
reason for this is the fact that alcohol-water-PVA mixtures form a highly non-ideal
system with strong hydrogen bonding and swelling/plasticization effects. The proposed
model attempts to take the above effects into account by combining equation 3.15, which
has its basis in the thermodynamics of irreversible processes and equation 3.47, which is
the UNIQUAC model for prediction of sorption equilibria in non-ideal systems. Mulder
and Smolders (1984) have used equation 3.15 in conjunction with Flory-Huggins
equations for the ethanol/water-cellulose acetate membrane system. However, the FloryHuggins theory does not satisfactorily represent the sorption equilibria for the alcoholwater-PVA system. The use of the UNIQUAC sorption model (equation 3.15) proposed
by Heintz and Stephan (1994) seems to be more appropriate for such systems. Thus the
novelty of the proposed model is that it combines two superior theories together i.e. it
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combines the fundamental transport equation 3.15 with the group contribution based
sorption equation to effectively predict the alcohol-water separation using PVA
membranes.
Since no adequate diffusivity correlations could be found to explain the
permeation of water and alcohol mixtures through PVA membranes, the objective of the
exercise was to generate the diffusivity correlations from the experimental data and the
transport model and then use these diffusivity correlations for prediction of separation
performance. An additional assumption made for the polymeric membrane model is that
for each feed concentration, the diffusion coefficients of the species through the
membrane are constant.

For hydrophilic polymeric systems, equation 3.15 can be

expressed in a different form as
J i = −φ i mi RT

d ln ai
dz

3.75

where mi is the mobility of species i in the polymer matrix. Mulder and Smolders (1984)
have used a similar approach to model ethanol-water separation using cellulose acetate
membrane. The thermodynamic or Maxwell-Stefan diffusivity of species i (DiT) through
the polymer can be expressed as
DiT = mi RT

3.76

Therefore, equation 3.75 can rewritten as
J i = −φ i DiT

d ln ai
dz

3.77

Now, for a n component system, if it assumed that the activity ai of component i depends
on the volume fractions of all the other components in the polymer, then equation 3.77
can be simplified to
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 n  ∂ ln a i dφ j
J i = −φ i DiT ∑ 

 j =1  ∂φ j dz






3.78

For a 2 component-polymer system, the flux equations can be written as
 ∂ ln a1 dφ1 ∂ ln a1 dφ 2
J 1 = −φ1 D1T 
+
∂φ 2 dz
 ∂φ1 dz





3.79

 ∂ ln a 2 dφ1 ∂ ln a 2 dφ 2 

+
J 2 = −φ 2 D2T 
∂φ 2 dz 
 ∂φ1 dz

3.80

Mulders and Smolders (1984) have proposed that although the coupling effect is not
present in equation 3.77, it is indirectly introduced through the presence of the 2nd term in
the bracket in equations 3.79 and 3.80. Thus the flux of a species does not only depend
on its own concentration gradient but also on the concentration gradient of the other
species in the membrane. Knowledge of the diffusivities, sorption equilibria and the
boundary conditions is essential to compute the flux of each species through the
membrane. In order to generate the concentration profile of each species across the
membrane thickness, one needs to represent equations 3.79 and 3.80 explicitly in terms of
the concentration gradients. Rearranging equations 3.79 and 3.80, we get
∂ ln a1
∂ ln a 2
J 2 − φ 2 D2T
J1
dφ1
∂φ 2
∂φ 2
=
dz
 ∂ ln a1 ∂ ln a 2 ∂ ln a1 ∂ ln a 2
φ1φ 2 D1T D2T 
−
∂φ 2 ∂φ1
 ∂φ1 ∂φ 2





3.81

∂ ln a 2
∂ ln a1
J 1 − φ1 D1T
J2
dφ 2
∂φ1
∂φ1
=
dz
 ∂ ln a1 ∂ ln a 2 ∂ ln a1 ∂ ln a 2
φ1φ 2 D1T D2T 
−
∂φ 2 ∂φ1
 ∂φ1 ∂φ 2





3.82

φ1 D1T

φ 2 D2T

Equations 3.81 and 3.82 represent a set of simultaneous ordinary differential equations
(ODE) which can be solved to get the concentration profiles of the species.
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In order to evaluate the partial differentials of the activities with respect to the
volume fractions of the species, it is necessary to have a sorption model which describes
the variation in activity of component i with volume fractions of the various component
in the polymer. For a 2 component-polymer system, equation 3.47 can be written as
ln a i (φ1 , φ 2 , φ m ) = ln φ i +

θ
Z
q i ln i
2
 φi

Z  q
− riφ m  1 − m
rm
2

2

r
 + li − ∑ φ j i l j
rj
j =1


m
m
θ *τ
 
 − 1 − qi* ln ∑θ *j τ ji + q i* − q i* ∑ n j ij

j =1
j =1
 
∑θ k*τ kj

3.83

k =1

The partial derivative of the activity with respect to the volume fraction can be written as
Z  q
∂ ln ai
1 Z φ ∂ θi 
  − l i + ri  1 − m
= + qi i
∂φ i
φ i 2 θ i ∂φ i  φ i 
rm
2 

*
 
q *  m  ∂θ j 
 − 1 − m i
∑ τ ji

∂φ i 
*
j =1 

 

∑θ j τ ji
j =1


 m *  ∂θ
τ ij  − θ *j τ ij
 ∑θ k τ kj 

 k =1
 ∂φ i

*
j

m

− q i* ∑
j =1

(

 m * 
 ∑ θ k τ kj 
 k =1


Z  q
∂ ln ai Z φ i ∂  θ i  ri
  − l l + ri  1 − m
= qi
∂φ l
2 θ i ∂φ l  φ i  rl
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 m
∂θ k* 
 ∑ τ kj

∂φ i 
 k =1

)

3.84

2

 m  ∂θ *j 

∑ τ ji


∂
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 j =1 
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q*
 − 1 − m i
 
∑θ *j τ ji
j =1


 m *  ∂θ
τ ij  − θ *j τ ij
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 ∂φ i

*
j
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2
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kj

∂θ k* 

∂φ l 
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,

for i ≠ l

The partial derivatives on the right hand side of equations 3.84 and 3.85 are defined as
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for all k and i

,

for all k and i

3.87

3.88

Equations 3.83 to 3.88 can be simplified by using the constraint equation 3.89.

φ m = 1 − φ1 − φ 2

3.89

The parameters ri, qi, qi* and the ratio qm/rm can be estimated from the molecular
structure or from data reported in literature. For alcohol-water-PVA mixture, this data
has been reported by Heintz and Stephan (1994). The binary parameter τij for alcoholwater mixtures can be estimated from VLE data in literature. The corresponding binary
parameters for solvent-polymer material can be obtained by fitting equation 3.83 (for a
single component in membrane) to the pure component vapor sorption data (Hauser et al.,
1989). Z, which is the coordination number is generally assumed to be 10. The binary
polymer-solvent parameters can be further expressed as functions of temperature as
shown in equation 3.90.
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 − u ij
τ ij = exp
 RT





3.90

The solvent-solvent interaction parameters can also be estimated as complex functions of
temperature,
bij


τ ij = exp aij + + cij ln T + d ij T 
T



3.91

The parameters aij, bij, cij and dij in equation 3.91 can be obtained from ASPEN PLUS
database.
To evaluate the boundary conditions, one needs to assume that both the interfaces
of the membrane i.e., feed-membrane and permeate-membrane interfaces are in
equilibrium. Mathematically, this can be expressed as
a i , f = a im, f ,

for all i

3.92

a i , p = a im, p ,

for all i

3.93

where ai,f and ai,p refer to the activities of component i in the feed and permeate
respectively. aim,f and aim,p refer to the activities of component i in the membrane on the
feed and permeate side respectively. The L.H.S. of equation 3.92 can be computed by
substituting the composition of the liquid feed in equation 3.42. The L.H.S. of equation
3.93 on the other hand, can be simply obtained by the ratio of the partial pressure of
species i in the permeate to the vapor pressure at that temperature (Pi/Pi,sat). The R.H.S.
of equations 3.92 and 3.93 can be substituted by the R.H.S. of equation 3.83. Both
equations 3.92 and 3.93 thus represent a set on n simultaneous non-linear algebraic
equations each.

The solution of these equations yields volume fraction of all the

components (φi) in the membrane phase on the feed and the permeate side.
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3.5.1.1 Algorithm for Generation of Concentration Profiles and Diffusivity Correlations
Since the values of the diffusivities through the membranes are not known, the
values of experimental flux values can be used to generate the values of diffusivities and
the concentration profiles. The following algorithm was followed in order to solve the
set of differential-algebraic equations defined by equations 3.81 to 3.89.
1) The input parameters needed for the model are the values of the experimental fluxes,
feed concentration, temperature, permeate composition and permeate pressure.
2) As described above, based on the input feed concentration and temperature, compute
the concentration of various components in the membrane phase on the feed (φim,f)
and permeate side (φim,p) from equations 3.92 and 3.93.
3) Assume values of diffusivities DiT for all the components in the feed.
4) Using the assumed values of diffusivities, fluxes and the values of φim,f as initial
conditions, solve equations 3.81 to 3.89 numerically to generate concentration profile
across thickness of membrane.
5) Compare the values of calculated φim,p with the value computed from the boundary
condition equation 3.93.
6) If the values are different (more than 5 % difference), assume new values of
diffusivities and repeat the iteration.

When the values match (within limits of

accuracy), the right values of diffusivities have been reached and the iteration should
be stopped.
The above algorithm has also been depicted in the form of a flowsheet in Figure 3.5
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INPUT PROCESS PARAMETERS Ji, T, Ci, Pp, yi
INPUT CONSTANTS Antoine’s constants, binary interaction parameters (τij’s),
UNIQUAC size and shape parameters (r, q and q*)

Compute Feed (ai,f) and Permeate (ai,p)
Activities from Equations 3.42 to 3.46
Compute Boundary Conditions φim,f and φim,p from
Equations 3.83, 3.92 and 3.93

Assume Values of Diffusivities (DiT)

Using φim,f as Initial Conditions, Solve Set of DifferentialAlgebraic Equations 3.81 to 3.89 to Obtain Values of φim,p
Numerical Methods Employed: GEAR, ADAMSFULL

False

Is φim,p (from above step) = φim,p (from step3)?
Tolerance = 5 %

True
OUTPUT VALUES DiT, Concentration Profile (φi)

Figure 3.5 Flowsheet for Algorithm used to Generate Diffusivity Correlations and
Concentration Profiles
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3.5.2 Organophilic Polymeric Membranes
Although the approach outlined in section 3.5.1 can also be used to model the
permeation of various solvent mixtures through organophilic membranes, a simpler
model may prove to be sufficient at times. Since the organophilic membranes are mainly
amorphous in nature, one can assume that the diffusivity varies exponentially with feed
concentration (Long, 1965), which has been quite satisfactory in explaining single liquid
component permeation through such membranes (refer to equation 3.64).
The above model (hitherto used for pure component permeation) has been
extended to the diffusion of a two component mixture through a polymer. Substituting
equation 3.64 in equation 3.13 and integrating the resulting equation over the thickness of
the membrane, one arrives at the expression for the flux Ji :

[

]

Di0
Ji =
exp(γ i C i ,mf ) − exp(γ i C i , mp )
γiz

3.94

Assuming that the two membrane interfaces are in equilibrium with the bulk (linear
sorption constant Ηi relates activity ai to Ci,mf) and Ci,mp = 0 (since permeate is a vapor),
the resultant expression for the flux Ji is given as :
Ji =

[

]

Di0
exp(γ i H i ai , f )− 1
γiz

3.95

Equation 3.95 has been used to model the ethanol-water separation using organophilic
pervaporation membranes. The above model does not include the temperature effects
because the constants (Di0/γiz) and (γiHi) are expected to change with temperature.
Although the permeate pressure effects have not been included in the above model, they
may be included by expressing Ci,mp as a function of the permeate pressure.
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3.5.3 Zeolite Membranes
The dusty gas model described in section 3.2.5 has been conventionally used to
describe the permeation of gaseous mixtures through zeolite membranes. It is proposed
that the same model can also be extended to explain the permeation of liquid mixtures
through zeolite membranes (Shah et al., 2000). From equation 3.32 for two components
denoted by 1 and 2, diffusing in a zeolite pore, individual component equations can be
written as shown in equations 3.96 and 3.97 (the velocity of the sites vV is equal to 0). It
is also conventional to define the surface diffusivity DiVs as shown in equation 3.33.
−

∇µ1 θ 2 (v1 − v 2 ) v1 
=
+ s 
RT 
D12s
D1V 

3.96

−

∇µ 2 θ 1 (v 2 − v1 ) v 2 
=
+ s 
RT
D21s
D 2V 


3.97

Extending equation 3.6 to zeolitic systems, the surface flux of each species through the
zeolite pore is represented by equations 3.98 and 3.99, where ρz is the density of the
zeolite, ε is the porosity, qisat is the maximum possible sorption of component i on the
zeolite, θi is the site occupancy of species i and vi is the velocity of component i through
the pores.
J 1s = ρ z ε q1satθ 1 v1

3.98

2
J 2s = ρ z ε q sat
θ 2v2

3.99

Assuming that there is no counter diffusion or coupling between the two species (D12s
and D21s →∞), equations 3.96 and 3.97 can be further simplified to equations 3.100 and
3.101
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∇µ 1
J 1s
−
=
RT
ρ z ε q1satθ 1 D1sV
−

J 2s
∇µ 2
=
2
RT
ρ z ε q sat
θ 2 D2s V

3.100

3.101

From basic thermodynamics, the chemical potential gradients (∇µ1 and ∇µ2) can be
represented as gradients of the site occupancy of each species (Krishna and Wesselingh,
1997) by the following equations :
−

θ 1∇ µ 1
∂ ln a1 dθ 1
∂ ln a1 dθ 2
= θ1
+ θ1
RT
∂θ 1 dz
∂θ 2 dz

3.102

−

θ 2 ∇µ 2
∂ ln a2 dθ 1
∂ ln a 2 dθ 2
+θ2
=θ2
RT
∂θ 1 dz
∂θ 2 dz

3.103

Equating equation 3.100 to 3.102 and equation 3.101 to 3.103, we have
 ∂ ln a1 dθ 1
∂ ln a1 dθ 2 
J 1s = − ρ z ε q1sat D1sV θ 1
+ θ1

∂θ 1 dz
∂θ 2 dz 


3.104

 ∂ ln a 2 dθ 2
∂ ln a 2 dθ 1 
2
+θ2
J 2s = − ρ z ε q sat
D2sV θ 2

∂θ 2 dz
∂θ 1 dz 


3.105

The above two equations describe the flux of each component through the zeolite pore.
The nature of the functions (∂lna1/∂θ1), (∂lna1/∂θ2), (∂lna2/∂θ1) and (∂lna2/∂θ2) would
depend on the nature of the sorption isotherm of each compound on the zeolite. The
diffusivities D1Vs and D2Vs are also dependent on the site occupancies θ1 and θ2 as
described in section 3.4.3. Thus, to be able to model the flux of each component through
the zeolite cages, a knowledge of both the diffusion and sorption characteristics is
essential. For zeolites with narrow pores (as in the case of zeolite A), single file diffusion
can be assumed to take place. In the case of single file diffusion, only one molecule can
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diffuse through the cross-section of the pore at any given time. The Maxwell-Stefan
surface diffusivity (D1Vs) depends linearly on the vacant sites (θV) as shown below:
D1sV = D1sV (0 )θ V

3.106

Assuming a Langmuirian type of sorption isotherm (for pure water on zeolite sites) to
predict the activity (a1) in the zeolite for a given site occupancy (θ1), we have
a1 =

sθ 1
1 − θ1

3.107

For zeolite membranes exhibiting a high selectivity, there will be primarily one
component permeating through the membrane. For such systems, it can be practically
assumed that there will be no second component and equations 3.104, 3.106 and 3.107
can be used to obtain the pure water flux equation as:
J 1s = ρ z ε q1sat D1sV (0)

dθ 1
dz

3.108

Integrating the above equation between the limits z = 0, θ1 = θ1,f and z = z, θ1 = θ1,p, we
have
J 1s =

ρ z ε q 1sat D1sV (0)
(θ 1, f − θ 1, p )
z

3.109

Multiplying q1sat by the terms in the bracket, the final flux equation is:

ρ z ε D1sV (0)
(q1, f − q1, p )
J =
z
s
1

3.110

where q1,f and q1,p are the sorbed quantities of water on the zeolite at the feed and the
permeate interfaces. Thus equation 3.110 denotes a simple linear trend between the
component flux through the membrane and the difference in the component sorption
capacities (mol/kg) of the two interfaces. It should be noted that q1,f = (site occupancy,
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θ1)(saturation capacity, q1sat).

D1V(0) indicates the Maxwell-Stefan diffusivity of

component 1 through the zeolite cages at zero coverage, which is also equal to the
Fickian diffusivity. It should be kept in mind that equation 3.110 is only valid for
systems, which display very high selectivities and predominantly have single file
diffusion through the zeolite cages.
The model equation denoted in equation 3.110 is very similar to the
thermodynamic VLE model equation 3.30 described in section 3.2.3. Equation 3.30 is
based on the premise that transport of various species through a dense membrane follows
the solution-diffusion mechanism. It should be mentioned that zeolite membranes obey a
sorption-diffusion model like the polymeric membranes however the ionic interactions are

stronger in the case of zeolite membranes.

For the zeolite membranes, a solution-

diffusion mechanism can be envisioned wherein the water molecules would first
preferentially sorb at the cage mouth and then diffuse across the active layer. For solvent
molecules however the partial molecular sieving effects and permeation through nonzeolitic pores also need to be considered. So a permeability parameter (DiHi/z) can also
be defined for water permeation through zeolite membrane in a similar manner as for
polymeric membranes. The parameter (DiHi/z) in equation 3.30, is a lumped parameter
comprising of the water diffusivity through the membrane, its sorption onto the
membrane material and the membrane thickness. The above equation assumes that the
permeability (DiHi/z) remains a constant under various feed concentrations and
temperatures. However, this is not always true, especially in the case of polymeric
membranes, which tend to swell substantially in the presence of high water
concentrations causing substantial changes in the permeability of the polymer.

CHAPTER 4
EXPERIMENTAL METHODS AND ANALYSIS

Pervaporation experiments were conducted on a variety of aqueous-organic
systems such as alcohol-water, acetone-water, ethylacetate-water, tetrahydrofuran-water
and dimethylformamide-water using different types of membranes. These experiments
were conducted over a broad range of feed concentrations at different temperatures to
evaluate the effect of feed conditions. Besides the pervaporation experiments, novel
sorption experiments were also conducted on zeolitic materials. This chapter will discuss
the various membranes used, details of the pervaporation experimental setup, the
analytical tools used and a description of the novel sorption technique.

4.1 Membranes Used and Characterization Procedures
Commercial polyvinylalcohol (PVA) composite membranes such as PV 1000, PV
1005 and PV 1001 were obtained from Sulzer Chemtech. The essential difference in the
PVA membranes is the degree of cross-linking in the active PVA layer. PV 1000 is
essentially a dehydration membrane and is used for removal of water from feed streams
containing low water concentrations. PV 1001 is a membrane with a higher degree of
cross-linking and it can be used for removing water from mixtures containing more than
15 wt. % water. PV 1005 is more tolerant to pH variations in the feed and is used for
organic acid dehydration type of applications. Since PVA pervaporation membranes are
widely used for ethanol dehydration, it is a common practice to characterize these
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membranes at 60 or 70 0C using feed solutions ranging from 90 to 95 wt. % ethanol. All
membranes were characterized with 95-97 wt. % ethanol feed mixture at 60 0C prior to
utilization for experiments with other mixtures. The integrity of the membrane was
checked periodically by repeating the characterization experiments.

If the permeate

concentration was found to vary significantly (more than three times), then the membrane
was replaced. Typically, on an industrial scale, these membranes have a life of one to
two years for relatively clean, non-corrosive streams. For harsh streams such as the
pharmaceutical waste streams, these membranes may have to be replaced more
frequently.

All of the hydrophilic polymeric membrane pervaporation experiments in

this study were conducted with PV 1001 membrane.
Silicone based organic permeating membranes such as PV 1070 were also
obtained from Sulzer Chemtech. These membranes are primarily used for VOC removal
and separation of organics from dilute aqueous streams.

These membranes were

characterized with pure water before being used for other experiments. Figure 4.1a and b
shows the SEM picture of the cross-sections of PV 1001 and PV 1070 membranes
respectively. It can be seen from the picture that the active layer of both the membranes
is indeed very thin, approximately 10 microns in thickness.
The hydrophilic zeolite membranes used for this research are commercial,
composite zeolite NaA membranes. The membranes are basically made of an active NaA
layer, deposited on a ceramic porous support made of mullite.

The zeolite NaA

membranes were obtained from Mitsui Engineering and Shipbuilding, Japan. These
membranes are available in the form of cylindrical tubes about 1.25 cm in diameter and
20 cm in length. These membranes are prepared by the hydrothermal synthesis of active
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Figure 4.1 SEM Pictures of Cross-section of Polymeric Membranes: a) Polyvinylalcohol
(PV 1001) Membrane, b) Polydimethylsiloxane (PV 1070) Membrane
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zeolite layer on the surface of a porous cylindrical substrate, like α-alumina. All the
zeolite NaA membranes were characterized periodically with pure water and with 30 wt.
% ethanol-water mixtures. The SEM pictures of the zeolite membrane cross-section and
the surface are shown in Figures 4.2a and 4.2b, respectively. It can be seen from Figure
4.2a that the thickness of the NaA active layer is approximately 30 microns. Another
interesting fact that can be observed from the picture is that there is no clear demarcation
between the active layer and the backing as is in the case of thin film composite
membranes. Figure 4.2b is a SEM picture of the surface of the NaA active layer. The
crack observed in the figure may have been generated during the grinding and mounting
of the zeolite sample due to the brittle nature of the zeolite active layer. The high degree
of surface roughness associated with these types of membranes can be easily observed in
the picture. It is thought that the high hydrophilicity (Muller et al., 1998) of zeolite A
could be possibly due to the high surface roughness.

4.2 Bench Scale Pervaporation Setup
The pervaporation experiments with the polymeric membranes were performed
on a Zenon Bench Scale Pervaporation System.

A general schematic of the

pervaporation experimental setup has been shown in Figure 4.3. The system is designed
so that the pervaporation experiments can be performed both on the flat sheet membrane
(membrane area 79.1 cm2) as well as the spiral wound module (membrane area 7000
cm2). A sealless (magnetic drive) feed pump is used to circulate up to 3 gpm of liquid
through the flat sheet and membrane module.

At maximum design velocities, the

Reynolds number in the both the modules is in excess of 10,000. This ensures minimal
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Figure 4.2 SEM Pictures of the Zeolite NaA membrane: a) Cross-section of Zeolite NaA
Membrane, b) Surface of Zeolite NaA Active Layer
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Figure 4.3 Schematic of the Pervaporation Experimental Setup
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concentration polarization effects. An electrical heater is used for heating the paratherm
oil, which in turn heats the feed to the desired temperature. Temperatures up to 800C can
be easily achieved using this kind of arrangement. Pressures less than 10 Torr can be
obtained on the permeate side using a rotary vacuum pump from the Japan Maruyama
Vacuum Company Ltd. Typically, the pervaporation experiments were performed at
600C and permeate pressures varying from 5 to 10 Torr. Liquid nitrogen was used for the
total condensation of permeate in all the experiments. Two impingers, in parallel, have
been provided on the permeate side to ensure steady state before the collection of sample
permeate is started. An additional trap has been provided on the unit for safety purposes.
Since the feed is continuously recycled back to the feed tank, the operation of the unit, in
the stricter sense, is in the batch mode. However, in all experiments, the weight of the
permeate collected (with flat sheet membrane) was less than 1% of the weight of the feed
charged to the tank. Hence it can be assumed that the feed composition remains constant
during the duration of the experiment.

4.3 Laboratory Pervaporation Setup
Since the zeolite membranes are tubular, a labscale unit had to be fabricated to
conduct pervaporation experiments on these membranes. The schematic of this setup is
very similar to the bench scale unit described above. The main difference lies in the
design of the zeolite membrane cell. A schematic of the zeolite membrane module is
shown in Figure 4.4. The zeolite cell is in the form of a double pipe heat exchanger; the
zeolite membrane forms the inner pipe and the outer shell is made up of a stainless steel
pipe. The feed is circulated on the annulus whereas the permeate is drawn from the
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center of the membrane tube. The feed is partitioned from the permeate side with the
help of solvent resistant O-rings. The feed can be heated to temperatures between 40 and
80 °C by an electric heater. The feed temperature can be controlled within 3 °C using the
heater. The permeate pressure can be accurately measured by means of a digital vacuum
gauge (least count - 0.01 Torr). For all experiments, the permeate pressure variation was
found to be < 5 Torr. The permeate pressures were kept low (10 to 20 Torr). The
permeate pressure for all experiments was measured accurately and has been included in
all driving force calculations.
The recirculation flow rate for all experiments was maintained at 2 L/min, which
corresponds to a shell side velocity of 8.6 m/s and a Reynolds number of 110,000. Also,
for all experiments involving high concentrations of water (30-100 wt %), the weight of
the permeate collected was less than 5% of the weight of the feed charged to the tank and
therefore the feed composition was assumed to remain constant.

However, for

experiments in the dehydration area (>80 wt % solvent), the total sample collection
volume was kept low in order to avoid significant changes in feed concentration. The
composition of the feed and retentate were also measured to verify constancy in
composition. The permeate removal rate was low for all experiments because only 65
cm2 membrane area was used. An experiment with 90 wt % ethanol-water mixture at
flow rates of 2 L/min and higher was also conducted to ascertain the concentration
polarization effect. The flux at a flow rate of 2 L/min was found to be 1.55 kg/m2/hr
whereas the flux at 2.2 L/min was found to be 1.6 kg/m2/hr which is within the limits of
experimental error. The permeate concentrations at both the flow rates were observed to
be 0.15 and 0.13 wt % ethanol which is also within limits of experimental error. All the
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experiments were carried out at a flowrate of 2 L/min to ensure the absence of
concentration polarization.

4.4 Solvent Systems Studied
The separation of several aqueous-organic systems was studied using the
membranes described above. The hydrophilic PV 1001 membrane was mainly used to
study the separation of binary alcohol-water mixtures such as ethanol-water and
isopropanol-water over a broad range of concentrations and temperatures. The separation
of two aqueous pharmaceutical waste streams was also studied using the PV 1001
membrane. The composition of these streams has been shown in Tables 7.2 and 7.3 in
chapter 7. The organophilic PV 1070 membrane was used to study the separation of
ethanol-water, ethylacetate-water and tetrahydrofuran-water mixtures.

The study of

ethanol-water system was carried out over the entire concentration range whereas the
study for ethylacetate-water and tetrahydrofuran-water systems was restricted to low
solvent concentrations (< 15 wt. %). The zeolite NaA membrane was primarily used to
study the separation of methanol-water, ethanol-water, isopropanol-water and
dimethylformamide-water mixtures over the entire concentration range at different
temperatures. Some experiments were done with other mixtures such as ethylacetatewater and acetone-water. The separation of surrogate pharmaceutical stream containing
74.6 wt. % ethyl acetate, 14.5 wt. % methyl acetate, 6.3 wt. % ethanol, 0.5 wt. %
methanol, 0.5 wt. % IPA and 3.6 wt. % water was also studied. Table 4.1 provides a
concise summary of the experiments and the corresponding conditions for all solventwater separation studies that were performed.
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Table 4.1 Summary of Pervaporation Experimental Conditions
Membrane

PVA 1001

PDMS 1070

Zeolite NaA

Solvent System

Temperature Range

Permeate Pressure Range

Feed Organic Concentration

(°C)

(Torr)

Range (wt. %)

Ethanol-Water

30 – 55

5 – 10

30 – 95

Isopropanol-Water

30 – 55

5 – 10

36 – 96

Pharmaceutical Waste

60

5 – 10

-

Ethanol-Water

60

5 – 10

0 –100

EthylAcetate-Water

60

5 – 10

0–6

Tetrahydrofuran-Water

60

5 – 10

0 – 12

Methanol-Water

40 – 70

10 – 20

0 – 100

Ethanol-Water

40 – 70

10 – 20

0 – 100

Isopropanol-Water

40 – 70

10 – 20

0 – 100

Dimethylformamide-Water

40 – 70

10 – 20

0 – 100

Surrogate Pharmaceutical

60

10 – 20

-

Solvent Stream
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4.5 Water Sorption on Zeolites
Novel water sorption experiments were performed on zeolite A powder (200
mesh size) obtained from Wako Chemicals, Japan. The zeolite A powder in the presence
of pure water forms a paste and it is very difficult to distinguish between the ‘sorbed
water’ and the ‘inter-particle water’. Thus any sorption data based on gravimetric studies
is not expected to be accurate. An indirect and more accurate method was employed to
determine the pure water sorption of the zeolite powder.

The zeolite powder was

degassed overnight and a known quantity of the degassed powder was well mixed with a
measured volume of dilute ethanol solution (1000 ppm). The mixture was equilibrated
for 18 to 24 hours. A blank solution containing no zeolite powder was also subjected to
the same treatment. After the equilibration time, both the mixture and the blank were
pressure filtered using a syringe. The TOC content of both the solutions was accurately
(< 2 % error) measured using the Shimadzu 5000 series TOC analyzer. It is assumed that
at such low ethanol concentrations, the sorption of ethanol in the zeolite powder is
negligible. Thus the water sorption in the zeolite powder can be computed from the
increase in the TOC of the solution and quantities of the zeolite powder and the volume
of the solution used for the experiment. A similar procedure was used to measure the
zeolite powder sorption for 28 mol % ethanol-water and dimethylformamide-water (50
wt % ethanol and 60 wt % DMF) solutions.

Although the high organic solvent

concentration data is not expected to be completely accurate (organic solvent sorption
may become more dominant at higher concentrations), one can still conclude if one of the
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solvents is strongly interacting with the zeolite powder because the calculated water
sorption values for that system will be lower.
The sorption experiments at high organic solvent concentrations (80 and 90 wt %
ethanol) were carried out in a similar manner as described above.

However, the

supernatant and the control samples were analyzed for the water content using Karl
Fischer titration. The accuracy of water analysis by Karl Fischer titrator was within 5 %.
The water sorption of the zeolite powder was computed by measuring the difference in
the water concentration of the blank and the samples and then carrying out a simple
material balance.

4.6 Analytical Techniques
The organic concentration, of the feed and permeate samples, was measured using
a Beckman Total Organic Carbon Analysis System. For sample TOC between 100 ppm
and 5 wt. % (permeates ranged between 500 ppm and 2 wt. %), the analytical error was
less than 5 %. Analysis of some samples was also carried out with a Shimadzu 5000
series Total Organic Carbon Analyzer which provided analytical TOC error of less than 2
% (for TOC < 20 wt. %).

4.6.1 Total Organic Carbon Analyzer
The Shimadzu 5000A series analyzer is a state of the art total organic carbon
analyzer with detection limits varying from 10 ppb to 4000 ppm total carbon. The carrier
gas is flow-regulated to 150 mL/min and allowed to flow through the TC combustion
tube which is packed with catalyst and kept at 680° C. The sample injection is done by

106

means of an autosampler (model no. 5000A).

When the sample enters the TC

combustion tube, the TC (total carbon) in the sample is oxidized to carbon dioxide. The
carrier gas containing the combustion products from the TC combustion tube flows
through the IC reaction vessel, dehumidifier, halogen scrubber, and finally reaches the
sample cell of the nondispersive infrared (NDIR) detector, which measures the carbon
dioxide content. The output signal (analog) of the NDIR detector is displayed as peaks.
The peak areas are measured and processed by the data processing unit. The TOC
analyzer typically injects every sample three times. If the sample standard deviation is
more than 2 %, the analyzer will take more readings to get a better estimate of the sample
concentration. Since the peak areas are proportional to the total carbon concentrations,
the total carbon in a sample may be easily determined from the calibration curve prepared
using standard solutions of potassium hydrogen pthalate. The calibration was found to be
linear in the range of 50 to 1000 ppm TOC. The TOC content of the samples up to 500
ppm could be measured with an accuracy of ± 2 %. However, for samples having a
higher TOC (500 to 2000 ppm), the error was found to lie within ± 5 %.
The Beckman Tocamaster Total Organic Carbon Computational System also
measures both the inorganic and total carbon content (up to 1000 mg/L total carbon) of
the samples. Samples (30 µL) are injected into the furnace operating at a air flow rate of
2.5 cm3/min, carrier gas temperature of 55°C, and oven temperature of 950°C (the
furnace has catalyst particles to ensure complete combustion). The sample injection is
done manually with a Hamilton CR-700 constant range syringe. The instrument also has
an Infra-Red (IR) detector which measures the concentration of carbon dioxide in the
combustion product. The calibration curve for this instrument was linear in the range of
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50-250 mg/L TOC. All the feed and permeate samples were therefore diluted to the same
range for analysis.

4.6.2 Chemical Oxygen Demand (COD)
Chemical oxygen demand (COD) of the feed and permeate samples was
determined by using EPA Standard Method 5220 D. Closed Reflux, Colorimetric Method
(American Water Works Association Handbook of Standard Methods for Wastewater
Analysis, 1992). Samples for COD were diluted into the test range (20-900 mg/L COD)
and then 2.5 ml of the sample was added to an aqueous solution containing 76% sulfuric
acid, 0.2% potassium dichromate, 0.4% silver sulfate, 0.6% mercuric sulfate and 0.002%
sulfamic acid (solution was a pre-made test kit from Biosciences, Inc.). After shaking the
samples, they were heated in a COD Reactor (Biosciences, Inc.) for 2 hours at 150° ± 2°
C. After allowing the solutions to cool, the absorbance was measured at 600 nm (Hewlett
Packard Diode Array Spectrophotometer). The absorbance is a measure of the chromate
concentration of the solution. During the COD analysis, the chromate gets reduced from
the hexavalent to trivalent state. The change in the absorbance of the solution can be
used to calculate the amount of chromium used for the reaction and hence the COD of the
sample. The unknown samples were tested against a calibration curve of known COD
concentration (made from potassium hydrogen phthalate). Calibration was found to be
linear in the range of 50-900 mg/L COD.

CHAPTER 5
SEPARATION RESULTS AND TRANSPORT MODELS FOR
POLYMERIC MEMBRANES

Pervaporation experiments were performed on alcohol-water mixtures such as
ethanol-water, isopropanol-water and alcohol-water-salt using hydrophilic PVA
membranes. The organophilic PDMS membranes were primarily used to investigate the
separation of dilute ethyl acetate-water mixtures and tetrahydrofuran-water mixtures. The
separation of ethanol-water mixtures was also tested using these membranes for sake of
comparison with PVA membranes. This chapter will discuss the separation results at
various feed concentrations and temperatures, for each of the systems mentioned above.
The mechanism of solvent permeation through both types of polymeric membranes will
also be elucidated by means of the proposed mathematical models described in chapter 3.

5.1 Hydrophilic Polyvinylalcohol Membranes
As mentioned before, there are a variety of hydrophilic PVA membranes available
commercially. The main difference between these membranes lies in the degree of crosslinking of the active layer. All the experiments in this study were conducted with the PV
1001 membrane, which is a moderately cross-linked membrane. The main advantage of
this membrane is reduced swelling and higher stability in presence of high concentrations
of water. Since the research objective was to establish the separation performance over a
wide range of feed concentrations, the choice of this membrane was considered to be
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appropriate.

Pervaporation experiments were performed on ethanol-water and

isopropanol-water mixtures with feed water concentrations ranging from 5 to 70 wt. %
and feed temperature varying from 30 to 55 °C. Experiments were also conducted on
alcohol-water-salt mixtures to ascertain the effect of inorganic salts such as sodium
chloride on pervaporation membrane performance.

5.1.1 Effect of Feed Concentration
Figure 5.1 shows the effect of the feed ethanol concentration on the total flux
through the membrane at different temperatures. It can be seen that the total flux through
the membrane increases as the feed water concentration is increased. At 55 °C, the total
flux for the system is observed to increase from 0.05 kg/m2/hr to 0.45 kg/m2/hr as the
feed ethanol concentration is decreased from 95 wt. % to 30 wt. %. There are two
reasons for the observed increase in flux. As the ethanol concentration is decreased (or
water concentration is increased), the driving force for water transport increases and
hence the water flux is expected to increase. Also, as the water concentration is increased
(or ethanol concentration is decreased), the active layer of the membrane undergoes
plasticization and swells. In other words, the free volume of the polymer increases. Due
to the increase in the polymer free volume, the diffusivity of all the components
permeating through the membrane also increases causing an increase in the flux. It
should be noted that the total flux through the membrane can be practically considered to
be the water flux through the membrane. The alcohol (except methanol) flux through the
membrane is typically quite small. In the worst case, i.e. at 30 wt. % feed ethanol
concentration, the ethanol flux was observed to be only 2.5 % of the total flux. Thus the
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Figure 5.1 Effect of Feed Ethanol Concentration on Total Flux through PVA Membrane
at Various Temperatures
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assumption of no coupling between the permeating species is justified for modeling
purposes. Figure 5.1 also depicts the variation of the water flux through the membrane
with varying feed concentration at various temperatures. It can also be seen from Figure
5.1 that the increase in the total or water flux through the membrane with feed water
concentration is linear at lower temperatures (30 and 40 °C).

However, the trend

becomes non-linear at higher temperatures (55 °C). The plasticizing action of water on
the PVA membrane is dependent on the temperature.

The degree of plasticization

generally increases with temperature and hence, there is a sharper increase in the total
flux through the membrane at higher temperatures.
Figure 5.2 shows the variation of the ethanol flux through the PVA membrane
with feed ethanol concentration at different temperatures. At 55 °C, the ethanol flux was
found to vary from 7 x 10 – 4 to 0.011 kg/m2/hr as the feed ethanol concentration was
decreased from 95 to 30 wt. %. It is observed that the plasticization of the active layer
affects the ethanol flux in a more pronounced manner. At 55 °C, the water flux increases
about ninefold, when the ethanol concentration is varied from 95 to 30 wt.%, whereas the
ethanol flux over the same concentration range increases eighteenfold. The ethanol flux
curve is also observed to undergo a maximum. At 55 °C, the ethanol flux is observed to
go through a maximum at 45 wt. % ethanol and has a value of approximately 0.013
kg/m2/hr. It is known that the sorption curves of alcohols such as ethanol, methanol and
isopropanol in PVA have a maximum (Heintz and Stephan, 1994). This effect is partially
responsible for the observed flux behavior for ethanol. At high water concentrations, the
coupling effects also become quite strong which could also contribute to the peculiar
ethanol flux behavior. The coupling effects, in this context, refer to the strong hydrogen

Ethanol Flux (x 10 -3 kg/m2/hr)
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Figure 5.2 Effect of Feed Ethanol Concentration on Ethanol Flux through PVA
Membrane at Various Temperatures
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bonding effects between the water and ethanol molecules. As the membrane becomes
more plasticized, the water flux through it increases. The diffusing water molecules tend
to drag more ethanol molecules along with them causing an increase in the ethanol flux.
The coupling effects are the strongest for methanol-water mixtures. As the
molecular weight of the alcohol increases, the coupling effects become less dominant.
This is because as the molecular weight of the alcohol increases, its hydrophobicity and
size increase due to which the hydrogen bonding interactions with water become weaker.
The strength of the coupling effects thus decreases in the order methanol > ethanol >
isopropanol. If the membrane properties remained unchanged with feed concentration
variation, it would be expected that as the water concentration increases (or as the ethanol
concentration decreases), the ethanol flux through the membrane would decrease due to a
decrease in the driving force for ethanol transport.

However, in reality, both the

plasticization and coupling effects are quite strong as a result of which the ethanol
diffusivity through the membrane increases substantially. Hence, despite a decrease in
the driving force, the ethanol flux through the membrane still increases at higher water
concentrations. In most cases, this effect is quite detrimental since it implies low water to
ethanol selectivities at high water concentrations.

The water to ethanol selectivity

decreases by two orders of magnitude from 1200 to 15 as the feed water concentration is
increased from 5 to 70 wt. %. This large change in the separation factor can again be
attributed to the substantial increase in ethanol flux (in comparison to the water flux) at
higher degrees of plasticization.
Figure 5.3 shows the effect of feed concentration on the total/water flux through
the membrane for isopropanol–water mixtures. At 55 °C, the total flux for the system is
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Figure 5.3 Effect of Feed Isopropanol Concentration on Total Flux through PVA
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observed to vary from 0.052 to 0.45 kg/m2/hr as the feed isopropanol concentration is
decreased from 96 to 36 wt. %. One might note from Figure 5.3 that the experimental
flux data for isopropanol-water mixture was measured at different compositions (in terms
of wt. % alcohol present in the feed) than the ethanol-water system. To compare the
performance between the two alcohol-water systems, it is necessary to obtain the
experimental data at the same water activity in the water-solvent mixture. The mole
fraction of water in the mixture is a better measure of the water activity as compared to
the weight fraction. Hence, although the compositions plotted in Figures 5.3 and 5.1 may
seem different, they are the same in terms of mole fractions of water and solvent present
in the mixture. It is obvious from Figures 5.1 and 5.3 that there is not a substantial
difference in the values of water flux for ethanol-water and isopropanol-water mixtures.
The main reason for this similarity in experimental values is that the activity of water in
the feed is approximately the same in both the cases. It should be noted that although the
values of flux are similar, they are not the same for the two cases.

These small

differences in flux values can be attributed to the difference in sorption values of water in
PVA material in presence of ethanol and isopropanol.
Figure 5.4 shows the effect of feed isopropanol concentration on isopropanol flux
through PVA membrane at different temperatures. It can be seen that at 55 °C, the
isopropanol flux varies from 5.24 x 10 – 4 to 5.5 x 10 – 3 kg/m2/hr as the feed isopropanol
concentration is decreased from 96 to 36 wt. %. Thus there is a tenfold increase in the
isopropanol flux over a broad range of feed water concentration due to the plasticization
of the membrane. It should be mentioned that the isopropanol flux also has a maximum
(since the alcohol flux has to decrease to zero at 0 wt. % alcohol concentration).
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However, the maximum is not observed with the range of the experimental data points.
This implies that for isopropanol, the maximum occurs at higher concentrations than 64
wt. % water.
Upon comparison with Figure 5.2, it is seen that the isopropanol flux at 55 °C is
about half of the ethanol flux. Isopropanol is a larger molecule than ethanol and hence its
diffusion through the membrane is hindered. Also, it is more hydrophobic due to the
presence of an extra methyl group and its sorption in PVA is expected to be lower. Thus
it is expected that the isopropanol flux through the membrane would be lower than the
ethanol flux. The general trend for the alcohol flux through the membranes is expected to
be a function of the polarity and thus the order would be methanol > ethanol >
isopropanol. The water to isopropanol selectivity is found to decrease from 2400 to 45 as
the feed water concentration is increased from 4 to 64 wt. %. As expected, the waterisopropanol selectivities are found to be higher than the water-ethanol selectivities.
Another reason for the observed higher water-isopropanol selectivities is the lesser
degree of coupling present in this system. The strength of hydrogen bonding interactions
in water-isopropanol mixtures is lower than that in water-ethanol mixtures. As a result,
the isopropanol molecules will experience lesser drag in the swollen membrane as
compared to the ethanol molecule. Obviously, the selectivities for long chain alcohol
molecules will be the highest.

5.1.2 Effect of Feed Temperature
A semi-log plot of water flux versus reciprocal of temperature (1/T) at various
feed ethanol concentrations has been shown in Figure 5.5. A logarithmic temperature
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dependence of flux is observed. An Arrhenius-type of temperature dependence of flux
has been reported by various researchers in the field (Acharya et al., 1988; Cabasso et al.,
1986; Cen and Lichthenthaler, 1992; Lamar and Voilley, 1991; Madsuda et al., 1986
Okamoto et al., 1987; Rautenbach and Albrecht, 1980). So the observed result agrees
well with the reported trend in literature. The slope of the line indicates the energy of
activation for permeation of water through the polymer matrix. It can be seen from
Figure 5.5 that the activation energy is not constant but increases as the water
concentration in the feed is decreased. A higher energy of activation usually implies that
the diffusion of the water molecules is more restricted. At high ethanol concentrations,
the membrane is in the unswollen state and hence diffusion of water through the active
layer is hindered. At high water concentrations, however, the diffusion of water through
the swollen active layer increases and hence the activation energy of permeation
decreases. The temperature dependence of flux through the membrane is generally
dependent on both the temperature dependence of sorption and the temperature
dependence of diffusivity. It is well known that the diffusivity of a component through a
dense polymer matrix generally increases exponentially with temperature. The sorption
of the various components in hydrophilic PVA membrane is generally a weak function of
temperature (Heintz and Stephan, 1994). As a result, the permeation rate through the
membrane follows the same trend as the diffusivity. The variation of ethanol flux with
temperature for ethanol-water mixtures has been shown in Figure 5.6. It can be seen that
the ethanol flux through the membrane also follows an Arrhenius kind of relationship.
The energy of activation for ethanol permeation is also observed to follow a similar trend
as that of water. The activation energies of permeation for ethanol-water mixtures have
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been reported in Table 5.1. It is observed that the activation energy for water permeation
lies between 8.5 to 15.4 kcal/mol as the feed ethanol concentration is increased from 30
to 95 wt. %. The activation energy for ethanol is observed to lie between 7.8 to 10.9
kcal/mol over the same concentration range.
Figures 5.7 and 5.8 show the exponential dependence of the water and
isopropanol flux on reciprocal of temperature respectively. Similar to water-ethanol
mixture, the trends are observed to be linear for both the species. The permeation
activation energies for water-isopropanol mixtures have also been reported in Table 5.1.
The energy of activation for water permeation is not observed to change substantially
with the feed water concentration. A constant value of approximately 10.6 kcal/mol is
observed for a feed isopropanol concentration range of 36 to 96 wt. %. The activation
energy for permeation of isopropanol through PVA membrane is observed to increase
from 5.8 to 10.9 kcal/mol as the feed isopropanol concentration is increased from 36 to
96 wt. %.

This trend is very similar to that of ethanol permeation through PVA

membrane. Reported values in literature for activation energies lie in the range of 3-15
kcal/mol. Thus the values of activation energies obtained experimentally are found to
agree well with the reported values in literature.

5.1.3 Diffusivity Correlations and Predicted Values
Based on the proposed model for hydrophilic membranes described in section
3.5.1 and the algorithm described in section 3.5.1.1, values of diffusivities were
computed on basis of the flux values obtained from pervaporation experiments. The
values shown in Table 5.2 were used as input to the simulation model. The membrane-
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Table 5.1 Activation Energies of Permeation for Ethanol-Water and Isopropanol
Water Mixtures through PVA Membranes

Alcohol-Water

Alcohol

Activation Energy

Activation Energy

System

Concentration

of Permeation for

of Permeation for

(wt. %)

Water (kcal/mol)

Alcohol (kcal/mol)

30

8.5

7.8

50

10.7

9.9

70

12.1

11.6

95

15.4

10.9

36

10.6

5.8

56

10.2

10.2

73

11.2

7.2

96

10.5

10.9

Ethanol-Water

Isopropanol-Water
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Table 5.2 Input UNIQUAC Parameters to the Simulation Model

Solvent

a12

b12

c12

K

d12

a21

1/K

b21

c21

K

d21

usM/R

uMs/R

1/K

K

K

r

q

q*

Water

-

-

-

-

-

-

-

-

539.5

-366

0.92

1.47

1

Ethanol

-2.49

756.9

0

0

2.0

-728.9

0

0

632.0

230.9

2.11

1.97

0.92

2-propanol

0

124.2

0

0

0

79.2

0

0

1072.4

318

2.78

2.51

0.89

1 – water, s – solvent, M – membrane;

For PVA material q/r = 0.934, q*/r* = 0.434

Computation of Interaction Parameters:
τ12 = exp(a12 + b12/T + c12lnT + d12T)

τ21 = exp(a21 + b21/T + c21lnT + d21T)

τMs = exp(-uMs/RT)
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solvent binary interaction parameters were estimated by fitting UNIQUAC equation 3.47
to the pure component vapor sorption data reported by Hauser et al. (1989). The solventsolvent interaction parameters were obtained from the ASPEN PLUS database. Thus
using the estimated interaction parameters and the experimental pervaporation data, the
diffusivity values for water in both ethanol-water and isopropanol-water mixtures were
computed. The diffusivities for ethanol and isopropanol were also computed. These
diffusivities were computed for various feed concentrations and temperatures in order to
establish the diffusivity dependence on these variables. An attempt was also made to
develop semi-empirical diffusivity correlations for prediction purposes.
Figure 5.9 shows the variation of water diffusivity with feed water activity for
ethanol-water mixtures at different temperatures. It can be seen that the diffusivity of
water through the PVA membrane increases as the activity of the water in the feed
increases.

This increase in diffusivity can be attributed to the plasticization of the

membrane. It can be observed that the water diffusivity at 55 °C increases from 2.15 x
10 – 12 to 4.91 x 10 – 12 m2/s as the feed water activity increases from 0.28 (5 wt. % water)
to 0.9 (70 wt. % water). The upper limit on the value of the diffusivity is the diffusivity
of trace quantities of water in bulk ethanol. This diffusivity can be computed using the
Wilke-Chang correlation (Treybal, 1981). Using this correlation, the diffusivity of water
in ethanol at 55 °C was computed to be 3.1 x 10 – 9 m2/s. The diffusivity of water through
the PVA membrane is thus three orders of magnitude lower than its diffusivity in bulk
ethanol. It was also interesting to observe that the water diffusivity trend through the
membrane at all temperatures is linear in nature. This is in contrast to exponential
dependence of diffusivity on feed concentration/activity assumed by researchers
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Figure 5.9 Variation of Calculated Water Diffusivity through PVA Membrane with Feed
Water Activity for Ethanol-Water Mixtures at Various Temperatures
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traditionally (Refer to section 3.4.2). It can also be seen from Figure 5.9 that the slope or
water plasticization parameter (γw) increases with temperature. Figure 5.10 shows the
variation of the water plasticization parameter with feed temperature. It can be seen from
the graph that the variation is also linear in nature. Thus the dependence of water
diffusivity through PVA membrane for water-ethanol mixtures may be expressed as
Dw = γ w aw, f

5.1

where γw may be further correlated (Figure 5.10) as

γ w = 0.1419 ⋅ T − 41.3

for ethanol-water mixture

5.2

Figure 5.11 shows the effect of the feed water activity on ethanol diffusivity
through PVA membrane at various temperatures. At 55 °C, when the feed water activity
is varied from 0.28 to 0.9, the ethanol diffusivity is observed to increase from 2.34 x
10 – 14 to 6.1 x 10 – 13 m2/s. Using the Wilke-Chang correlation, the diffusivity of ethanol
in bulk water was also computed. This value was calculated to be 2.26 x 10

– 9

m2/s

which is about 4 orders of magnitude lower than the diffusvity values in the membrane.
It can be seen that in contrast to the water diffusivity, which increases only about twice,
the ethanol diffusivity through the membrane increase about thirty times over the same
feed concentration range. Also, the ethanol diffusivity is found to increase exponentially
with the feed water activity. This again, is in contrast to Long’s model discussed in
section 3.4.2, since the diffusivity of the organic solvent molecules in this case increases
exponentially with the activity of the plasticizing component and not its own activity.
The fact that the diffusivity of the solvent molecules strongly depends on the activity of
the plasticizing solvent is indicative of strong swelling and coupling effects in the case of
hydrophilic PVA membranes. Figure 5.12 shows the effect of temperature on the
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plasticizing factor for ethanol diffusivity through PVA membrane.

Hence the

dependence of ethanol diffusivity on feed water activity may be given as
De = 10 −15 e

γ e a w, f

5.3

where γe may be further correlated (Figure 5.12) as

γ e = 0.0683 ⋅ T − 15

5.4

Figure 5.13 shows the variation of water diffusivity with feed water activity for
isopropanol-water mixtures. The nature of the plot is found to be quite similar to Figure
5.9. At 55 °C, the diffusivity of water through the active layer is found to vary from 2.16
x 10 – 12 to 4.84 x 10 – 12 m2/s as the feed water activity is increased from 0.31 (4 wt. %
water) to 0.92 (64 wt. % water). The values of water diffusivity for isopropanol-water
mixtures are not found to be very different from that of ethanol-water system. This
basically implies that the nature of alcohol does not radically affect the diffusion behavior
of water through PVA membranes.

Figure 5.14 shows the variation of water

plasticization parameter with feed temperature for isopropanol-water mixtures. From
Figure 5.13, it can be concluded that the diffusion of water through PVA membranes (for
isopropanol-water mixtures) follows the same equation as denoted in equation 5.1. The
dependence of plasticization parameter on temperature in this case can be expressed as

γ w = 0.1303 ⋅ T − 38.2

for isopropanol-water mixture

5.5

which is quite similar to ethanol-water system.
Figure 5.15 shows the variation of isopropanol diffusivity through PVA
membrane with the feed water activity. At 55 °C, as the feed water activity is increased
from 0.31 to 0.92, the isopropanol diffusivity is found to vary from 2.25 x 10 – 14 to 1.57 x
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Figure 5.13 Variation of Calculated Water Diffusivity through PVA Membrane with
Feed Water Activity for Isopropanol-Water Mixtures at Various Temperatures
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10 – 13 m2/s. It can be seen from Figures 5.15 and 5.13 that at high water activities, the
diffusivity of isopropanol is about four times lower (at 55 °C) than that of ethanol. This
implies that in spite of swelling of the PVA active layer, the diffusion of isopropanol is
still lower due to its greater kinetic diameter and higher hydrophobicity. As a result, the
PVA membrane can exhibit high selectivities for water-isopropanol mixtures at high
water concentrations.

The diffusion coefficient of isopropanol is also observed to

increase exponentially with feed water activity. However the increase is not as sharp as
that of ethanol. The variation of the plasticization factor (for isopropanol diffusivity)
with temperature is shown in Figure 5.16. The trend is linear in nature. As expected, the
values of the plasticization factor are lower than that of ethanol. The dependence of the
plasticization factor on feed temperature can be expressed as

γ ipa = 0.0463 ⋅ T − 9.48

5.6

The effect of temperature on the plasticization factor for isopropanol is less than that for
ethanol. This difference is present due to the higher hydrophobicity and size of the
isopropanol molecule as compared to ethanol.
Figures 5.17 and 5.18 show the variation of the water and ethanol diffusivities
with reciprocal of temperature (1/T) on a semi-log plot. It can be seen that at all feed
concentrations, the trend for both water and ethanol species is linear. The slope of the
line denotes the energy of activation for diffusion of each species.

The energy of

activation is not a constant but varies depending on the feed concentration and hence
swelling of the membrane. For water, it can be seen that the diffusional energy of
activation varies between 6.96 and 15 kcal/mol. For ethanol diffusion, the activation
energies are found to lie between 8.93 and 12.5 kcal/mol. It is interesting to note that the

Plasticization Factor for Isopropanol Diffusivity (γipa)
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diffusional activation energies lie in the same range of values as the permeation
activation energies. For gases, the relation between the permeation and the diffusional
acivation energy is given by
Ea , permeation = Ea , diffusion + ∆qs

5.7

where ∆qs is the gas polymer heat of solution. In pervaporation, the situation is more
complex due to the anisotropic swelling of the membrane and the concentration
dependence of the diffusivity. However, if equation 5.7 is assumed to be true for
pervaporation membranes, it becomes evident that the contribution of the heat of sorption
of species is negligible in comparison to the diffusional activation energy.
Figures 5.19 and 5.20 show the logarithmic dependence of diffusivity on 1/T for
water-isopropanol mixtures. As expected, these trends are also linear in nature. The
activation energy for water diffusion (from water-isopropanol mixtures) is observed to
be fairly constant at approximately 9.1 kcal/mol. Unlike water-ethanol mixtures, the
activation energy for water diffusion in isopropanol-water mixtures is not found to vary
substantially with the feed concentration.

The isopropanol activation energies for

diffusion are found to lie within 8.4 and 11 kcal/mol from 56 to 96 wt. % isopropanol.
The reason for the unusually low activation energy (1.9 kcal/mol) observed for 36 wt. %
isopropanol-water mixture is not clearly known.
The concentration profiles of each species across the membrane thickness can
also be computed using the algorithm described in chapter 3.

In this case, the

concentration of each species is expressed in terms of its volume fraction in polymer.
Figures 5.21 and 5.22 show the profiles of water and ethanol volume fractions (at
different feed compositions) across the thickness of the membrane at 55 °C, respectively.
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Figure 5.22 Predicted Ethanol Concentration Profile along Thickness of Membrane for
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The concentration profile was computed using data from Figures 5.1 and 5.2 and
equations 3.81 to 3.93. For water, it can be observed that as the feed water concentration
is decreased, the water sorption at the feed membrane interface decreases.

This is

expected since water sorption depends on the activity of water in the feed and as the
water activity decreases, the water sorption in the membrane also decreases. It is also
observed from the figure that over the range of experimental compositions, the water
concentration driving force is the highest at 70 wt. % water.

At high water

concentrations, the water concentration profile is concave in the initial portion of the
membrane thickness (up to dimensionless thickness of 0.4). In the latter region of the
active layer, the water concentration profile is linear. Thus it appears that the maximum
effect of swelling is present in the intial portion of the membrane. At high alcohol
concentrations, the water concentration profile appears to be linear over the entire
membrane thickness. The ethanol sorption in the membrane indicated by the ethanol
volume fraction at z = 0, goes through a maximum with respect to the feed ethanol
concentration. The highest ethanol sorption in the membrane is observed to be 0.35 (at
50 wt. % ethanol concentration). It has been mentioned before that the ethanol/waterPVA membrane system forms a highly non-ideal mixture due to strong hydrogen bonding
effects. This effect is present for other alcohols such as methanol and isopropanol as
well. It is due to the presence of these synergistic solubility effects that the sorption of
alcohols from alcohol-water mixtures is observed to undergo a maximum. Since the
ethanol sorption in the membrane goes through a maximum, the driving force for ethanol
transport also goes through a maximum. As a result, the ethanol flux also goes through a
maximum as can be seen in Figure 5.2.
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Based on equations 5.1 to 5.6, the diffusivities of water, ethanol and isopropanol
at 80 °C were computed at different feed solvent concentrations. Table 5.3 shows the
diffusivity of each component in alcohol-water mixtures at various feed concentrations.
Based on the calculated values of diffusivities, the flux of each component through the
membrane was predicted at 80 °C using the equations described in section 3.5.1. The
variation of the water flux with feed alcohol concentration for ethanol-water and
isopropanol-water mixture has been shown in Figure 5.23. The water flux for ethanolwater mixture is predicted to decrease from 0.72 to 0.052 kg/m2/hr as the ethanol
concentration is increased from 30 to 95 wt. %. The water flux for isopropanol-water
mixture is found to follow a similar trend. The model predicts that the water flux for
isopropanol-water mixture decreases from 0.66 to 0.054 kg/m2/hr as the isopropanol
concentration is increased from 36 to 96 wt. %.

Figure 5.24 shows the predicted

variation of ethanol and isopropanol flux with feed alcohol concentration at 80 °C. The
ethanol flux is predicted to vary from 0.067 to 0.0004 kg/m2/hr as the ethanol
concentration is varied from 30 to 95 wt. %. A maximum ethanol flux of 0.096 kg/m2/hr
is observed at 50 wt. % ethanol. Thus, the model successfully takes into account the
synergistic solubility effects of alcohol-water mixtures in PVA material and its effect on
the alcohol flux behavior. The isopropanol flux is predicted to decrease from 0.0095 to
0.00019 kg/m2/hr as the isopropanol concentration is increased from 36 to 96 wt. %. No
maximum in isopropanol flux is observed within the range of feed concentrations under
consideration. It is thus obvious that the maximum in isopropanol flux occurs at water
concentrations higher than 64 wt. %. It should also be kept in mind that the diffusivity
correlations expressed in equation 5.1 to 5.6 would only be valid below the glass
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Table 5.3 Predicted Component Diffusivities for Alcohol-Water Mixtures at 80 °C

Mixture

Alcohol
Concentration

Water Diffusivity
x 10

12

(m2/s)

2-Propanol-Water

Diffusivity
x 10 12 (m2/s)

(wt. %)
Ethanol-Water

Alcohol

30

7.91

3.60

50

7.37

2.05

70

6.52

0.85

95

2.42

0.012

36

7.17

0.55

56

6.82

0.40

73

6.26

0.24

96

2.33

0.00775
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Figure 5.23 Predicted Water Flux through PVA Membrane for Various Feed Alcohol
Concentrations at 80 °C
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Figure 5.24 Predicted Alcohol Flux through PVA Membrane for Various Feed Alcohol
Concentrations at 80 °C
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transition temperature of the membrane active layer.

Above the glass transition

temperature, there is a substantial increase in the free volume of polymer and the material
becomes rubbery in nature. The diffusion behavior of solvents in the rubbery polymers is
expected to be significantly different than that in glassy polymers.
The effect of high permeate pressure on the total flux through the PVA membrane
was also simulated. For a 50 wt. % ethanol-water mixture at 55 °C, the predicted
variation of total flux with permeate pressure has been shown in Figure 5.25. It is
observed from the figure that as the permeate pressure is increased from 10 to 120 Torr,
the predicted total flux through the membrane decreases from 0.4 to 0.03 kg/m2/hr. A
higher permeate pressure implies a lower driving force and hence the decrease in the flux
is expected. Also, at high permeate pressures (> 100 Torr), the rate of vaporization of the
species on the permeate side may become the rate controlling step. Thus, the assumption
of the permeate side resistance being negligible would not be valid anymore.
Researchers (Wesslein et al., 1990) have observed that the membrane selectivity
decreases substantially at high permeate pressures as well. Thus it would always be
preferred to operate the membrane module at the lowest possible permeate pressure.
However, actual industrial installations are typically operated at moderate permeate
pressures (30 – 40 Torr) to assist in condensation of the permeate.

5.1.4 Effect of Salt Concentration
The presence of other components like inorganic salts (besides ethanol and water)
in the feed, is expected to affect the total flux of the system. This type of study has not
been reported in literature and is novel in nature. Also, such a study would be of great

151

Predicted Total Flux through PVA Membrane (kg/m2 /hr)

0.4

0.3

0.2

0.1

0.0
0

30

60

90

Permeate Pressure (Torr)

Figure 5.25 Effect of Permeate Pressure on Simulated Total Flux through PVA
Membrane for 50 wt. % Ethanol-Water Mixture at 55 °C
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practical relevance to the pharmaceutical industry since inorganic salts are commonly
encountered in many streams. Experiments were therefore performed on ternary alcoholwater-salt mixtures to ascertain the effect of salts on the pervaporation flux and
selectivity. Figure 5.26 shows the variation of the total flux for an alcohol-water-salt
system with the concentration of the salt in the mixture. The concentration of water in
the mixture was always maintained at about 65 wt. % (only the relative ratio of alcohol
and the salt in the mixture was varied) to preclude any effects arising out of variations in
the water concentration/activity. It can be seen from Figure 5.26 that the total flux
remains about constant at low salt concentrations in the alcohol-water mixture. At higher
concentrations, however, a drop (about 17 % for ethanol-water and about 18% for
isopropanol-water system) in the total flux is observed.
There could be two reasons for the observed drop in flux. It has been well known
that the vapor pressure of water is depressed in the presence of salt. Thus in presence of
the salt in the feed, the partial pressure of water may be reduced due to the presence of
salt ions resulting in a lower driving force. It should be noted that in the driving force
term in equation 3.3, only variations in activity coefficient will reduce the partial pressure
since xi and Pivap will essentially remain constant for the scheme of experiments
performed. Another possible reason for the drop in total flux at high salt concentrations
could be the physical blocking of the pores on the permeate side by micro-salt
crystallites. The salt ions could drag with the water into the membrane and precipitate on
the permeate side causing the drop in the total flux. It may be possible to quantify the
extent of salt precipitation by XPS analysis. The electrolyte-non random two liquid
theory (NRTL) theory was used to compute the activity of solvents in the presence of
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Figure 5.26 Effect of Salt Concentration on the Flux in an Alcohol-Water-Salt System at
60 0C using PVA Membrane
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inorganic ions. For an ethanol-water-NaCl mixture containing 65 wt. % water and 12 wt.
% NaCl, the activity of water in the feed was computed to be 0.88. For an ethanol-water
feed containing 65 wt. % water containing no salt, the activity of water in the feed was
also computed to be 0.88. Thus it is obvious that there is no change in the driving force
of water in the presence of sodium chloride. Hence, the theory of salt precipitation on the
permeate side seems to be the more probable reason for the observed flux drop.
Figure 5.27 depicts the effect of salt concentration on the separation factor. The
relative TOC reduction factor dropped to 0.73 as the concentration of the salt in the feed
was increased from 0 to 12 wt %. The presence of high concentrations of water (solvent
for PVA membranes) in the feed results in the plasticization of the active layer due to
which the selectivity of the membrane decreases. The presence of higher concentrations
of alcohols in the feed, on the other hand, stabilizes the membrane. When the salt
concentration in the feed is increased, the water to organic ratio in the feed increases.
Hence it is expected that the active layer of the membrane will be plasticized to a greater
extent resulting in a drop in the separation factor. Inorganic salts have a limited solubility
in alcohol-water solvents. As the hydrophobicity of the solvent increases, the solubility
of the inorganic salt in the solvent decreases. In an alcohol-water mixture, as the alcohol
concentration increases, the solubility of the salt decreases. For example, the solubility of
sodium chloride in water is about 26 wt. % at 25 °C whereas it’s solubility in pure
ethanol is approximately 0.4 wt. %. The limited solubility of salts in alcohol-water
systems could pose a potential problem for the pervaporation membrane module
performance. Typically for a hydrophilic membrane module, as the feed flows along the
length of the module, water is permeated out through the membrane and the
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Figure 5.27 Effect of Salt Concentration on the Relative Reduction Factor for EthanolWater-Salt System at 60 0C using PVA Membrane
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concentration of the organic solvent increases. If salt was present in the mixture, at one
stage, its solubility limit would be exceeded causing precipitation. This precipitated salt
could deposit on the membrane causing fouling and scaling problems. Thus knowledge
of the solubility diagram of salt in the aqueous-organic mixture is very critical for good
design of the pervaporation membrane module.

5.2 Organophilic Polydimethylsiloxane Membranes
The separation of several aqueous-organic mixtures such as ethanol-water, ethyl
acetate-water and tetrahydrofuran–water was studied using hydrophobic polydimethyl
siloxane (PDMS) membranes. The PDMS membranes are mainly used for the removal
of VOC’s from aqueous streams and recovery of small quantities of solvents from dilute
wastewater streams.

5.2.1 Alcohol-Water Mixtures
Figure 5.28 shows the variation in the total/component fluxes through PDMS
membrane with the feed ethanol concentration. It can be seen that the pure water flux (at
60 °C) through the membrane is about 0.3 kg/m2/hr. The total flux through the system
varies from 0.3 to 1.1 kg/m2/hr as the ethanol concentration is increased from 0 to 100 wt.
%. The pure water flux through the system is quite high indicating that highly selective
separation of polar mixtures using such membranes would be difficult. Also, PDMS is an
rubbery polymer (glass transition temperature is –123 °C) and hence the free volume of
the polymer matrix is higher as compared to PVA membranes. Due to the high free
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Figure 5.28 Effect of Feed Ethanol Concentration on the Flux through PV 1070
Membrane (PDMS) at 60 0C
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volume of the polymer, the diffusion selectivity of the membrane is generally quite low.
The selectivity of the membrane is thus mainly based on its sorption selectivity. The
membrane therefore exhibits high selectivities for aqueous-organic mixtures containing
apolar organic solvents. The effect of feed ethanol concentration on the ethanol to water
selectivity is shown in Table 5.4. It can be seen that at low ethanol concentrations, the
separation factor is high and drops at high ethanol concentrations. The separation factor
is found to vary from 7.6 to 3.5 as the feed ethanol concentration is increased from 3 to
75 wt. %. At low ethanol concentrations, the ethanol sorption in the membrane remains
high due to the high affinity of the PDMS membrane for organic solvents and hence the
observed separation factor is high. As the feed ethanol concentration is increased, the
ethanol sorption does not increase in the same proportion causing the separation factor to
decrease.
The pure component permeation model described in equation 3.95 was used to
model the ethanol/water-PDMS membrane system. The values of the parameters (Di0/γiz)
and (γiHi) for the system are listed in Table 5.5. A comparison between the experimental
values and the predicted model for water and ethanol fluxes through a PDMS membrane
can be seen in Figures 5.29 and 5.30 respectively. This comparison is necessary since the
parameters contain several terms and hence the predictive capabilities of the lumped
parameters has to be double-checked. There is a good agreement between the predicted
(using the best fit parameters) and the experimental fluxes in both the cases. The values
of ethanol and water permeabilities through the membrane were computed to be 0.83 and
0.01 kg/m2/hr respectively. Thus it is evident that the membrane has higher affinity for
ethanol as compared to water.
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Table 5.4 Observed Ethanol-Water Separation Factors using PDMS Membranes at 60 °C

Feed Ethanol Concentration (wt. %)

Separation Factor

3

7.6

8

6.3

12

6.6

15

6.8

30

5.4

50

3.2

75

3.8
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Table 5.5 Regression Parameters Obtained for Ethanol/Water-PDMS Membrane System
at 60 °C

Di0/γi.z

Ηi.γi

Di0.Ηi/z

(kg/m2/hr)

(kg/m2/hr)

Method 1*

Method 2

Method 1

Method 2

Water

0.0021

0.0021

4.774

4.774

0.01

Ethanol

1.4729

1.4727

0.565

0.565

0.832

* Method 1 (NLIN) and Method 2 (CONVERGE) are two different numerical methods
available in the Statistical Analysis Software (SAS), which were used for non-linear
regression.
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Figure 5.29 Variation of the Experimental and Predicted Ethanol Flux through PV 1070
Membrane (PDMS) with Feed Ethanol Activity at 60 0C
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Figure 5.30 Variation of the Experimental and Predicted Water Flux through PV 1070
Membrane (PDMS) with Feed Water Activity at 60 0C
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5.2.2 Other Solvent-Water Mixtures
Ethyl acetate is commonly used for liquid-liquid extraction applications in the
pharmaceutical industry.

As a result many aqueous waste streams have low

concentrations (2-5 wt. %) of ethyl acetate present in them. It may be necessary to
separate ethyl acetate from these streams for recycling purposes. Experiments were
therefore conducted with ethyl acetate-water mixtures at 60 °C. Figure 5.31 shows the
variation in the flux of the mixture with ethyl acetate concentration in the feed. It should
be mentioned that ethyl acetate is soluble in water only up to 8 wt. % at room temperature
and hence the ethyl acetate feed concentration was kept below 8 wt. %. It was observed
that the total flux of the mixture increases from 0.3 to 2.8 kg/m2/hr as the feed
concentration is varied from 0 to 3.3 wt. %. Ethyl acetate preferentially permeates
through the membrane and in fact, phase separation is observed in the permeate since the
solubility limit of ethyl acetate in water is exceeded.

This can be potentially

advantageous, in an industrial setting, in terms of reduced downstream processing of the
permeate. The permeate quality can be easily expressed in terms of the relative weights
of the organic and the aqueous phase. The effect of the feed ethyl acetate concentration
on the relative weights of the organic and the aqueous phase in the permeate is shown in
Table 5.6. It can be seen that the ratio increases from 0 to 10 (about 90 wt. % ethyl
acetate) as the feed concentration is increased from 0 to 3.3 wt. % ethyl acetate. This
indicates the separation is highly selective. In fact, it is hypothesized that the sorption
coefficient of ethyl acetate in PDMS is very high and as a result the flux of ethyl acetate
through the system is appreciably high.
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Figure 5.31 Effect of Feed Ethyl Acetate Concentration on the Flux through PV 1070
Membrane (PDMS) at 60 0C
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Table 5.6 Separation Factor Obtained for Ethyl Acetate-Water and THF-Water System
using PDMS Membranes at 60 °C

Solvent-Water System

Feed Solvent Concentration

Separation Factor

(wt. %)
Ethyl Acetate-Water *

Tetrahydrofuran-Water

1.3

2.9

2.4

5.9

2.8

12.2

3.4

9.8

3.1

73

6.4

50.4

9.2

54

12

43

Since ethyl acetate-water is partially miscible, phase separation is observed on the
permeate side. Hence instead of the separation factor, values for the weight ratio of ethyl
acetate and water phase obtained in the permeate have been reported.
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The separation of THF-water (at 55°C) was also studied using organophilic membranes.
It has been reported in literature (Mencarini et al., 1994) that the PDMS membrane
becomes unstable in the presence of high concentrations of THF (>30 wt. %). Hence the
experiments were restricted to feed concentrations less than 30 wt. %. The variation of
the fluxes with feed THF concentration is shown in Figure 5.32. The total flux of the
system is found to vary from 0.25 to 4.8 kg/m2/hr as the feed THF concentration is
increased from 0 to 12 wt. %. THF is highly volatile and hence the driving force for its
transport through the membrane is very high. As a result, high flux and selectivities are
obtained. The THF-water separation factor is found to vary from 73 to 45 over the same
concentration range, as shown in Table 5.6. The results obtained on the THF-water
mixture agree quite well with that reported in literature (Mencarini et al., 1994).
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Figure 5.32 Effect of Feed Tetrahydrofuran Concentration on the Flux through PV 1070
Membrane (PDMS) at 550C

CHAPTER 6
SEPARATION RESULTS AND TRANSPORT MODEL FOR
ZEOLITIC MEMBRANES

To overcome the limitations of polymeric membranes such as swelling and low
resistance to corrosive solvents, the use of solvent resistant zeolite membranes is
proposed. The use of hydrophilic NaA zeolite membranes for more difficult separations
such as dimethylformamide-water and methanol-water mixtures was investigated in
detail (Shah et al., 2000). Again, for comparing the zeolite membrane separation with the
PVA membrane separation, the separation of ethanol-water and isopropanol-water
mixtures was also studied. This chapter will thus focus on discussing the separation
results obtained for various aqueous-organic systems using zeolite NaA membranes. The
agreement of the experimental results with the solvent transport model (proposed in
section 3.5.3) and the use of a novel technique for measuring the water sorption of zeolite
A will also be discussed.

6.1 Zeolite NaA Structure
The commercial, composite, hydrophilic zeolite NaA membranes are basically
made of an active NaA layer, deposited on a ceramic porous support made up of mullite.
The active NaA layer is responsible for the high separation factors achieved with solvent
mixtures. The structure of zeolite A is shown in Figure 6.1. As shown in Figure 6.1, the
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Figure 6.1 Repeating Structure of Zeolite NaA Unit
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aluminosilicate framework of zeolite A is generated by placing truncated octahedrons
(β−cage) at eight corners of a cube and each edge of the cube is formed by joining two βcages by a D4R linkage. Each β-cage encloses a cavity with a free diameter of 0.66 nm
and each unit cell encloses a larger cavity known as the α-cage enclosing a free diameter
of 1.14 nm. There are two interconnecting, three dimensional channels in zeolite A; i)
connected α-cages, 1.14 nm in diameter, separated by 0.42 nm apertures, ii) β-cages,
alternating with the α-cages separated by 0.22 nm apertures (Breck, 1974).

Thus

molecules smaller than 0.42 nm in diameter can diffuse easily through the micropores of
the zeolite. Also, the position of sodium ions in the unit cells is important since these
ions act as the sites for water sorption and transport through the membrane. For a typical
zeolite A unit cell having the composition Na12Al12Si12O48.27H2O, 8 (out of 12) sodium
ions are located inside the α-cage and 4 ions are located in the β-cages.

6.2 Alcohol-Water Systems
6.2.1 Effect of Feed Concentration
Figure 6.2 shows the effect of the feed ethanol concentration and temperature on
total flux for ethanol-water system. At 60 °C, the total flux for the system is observed to
vary from 2 to 0.05 kg/m2/hr as the feed ethanol concentration is increased from 0 to 100
wt. %.

It was interesting to note that the total flux for the system does not vary

substantially from 0 to 70 wt. % ethanol in the feed. This is due to the fact that zeolite
NaA has a high affinity for water and is very hydrophilic in nature. Thus the active layer
of the membrane selectively sorbs water over ethanol and as a result, the water flux
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Figure 6.2 Effect of Feed Ethanol Concentration on Total Flux through Zeolite NaA
Membrane at Different Temperatures
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through the membrane remains high over a wide range of ethanol concentrations. In this
range of concentrations, equation 3.100 can be used to describe the water flux through the
system since it is the main component present in the micropores and hence the frictional
effect exerted by the solvent molecules can be neglected. At concentrations higher than
70 wt. % ethanol, the total flux of the system was observed to decrease. In this solvent
concentration range, the solvent site occupancy increases and the frictional forces
between species i and k could possibly become comparable to the surface frictional
forces. In that case, in a stricter sense, one would again have to revert to the use of
equation 3.96 instead of equation 3.100. Another reason for the flux drop at high ethanol
concentrations could be a decrease in the water driving force itself. The LHS of equation
3.96 reflects the driving force for water transport. At high solvent concentrations, the
water activity in the feed is low and therefore the chemical potential (LHS term of
equation 3.96) across the membrane is also small. In order to maintain the equality of
equation 3.96, the flux (incorporated in the velocity vi) terms on the RHS would have to
decrease correspondingly.
The permeate ethanol concentrations were found to remain less than 0.1 wt. % up
to 70 wt. % ethanol at all temperatures and increased to about 0.6 wt. % at 90 wt. % feed
ethanol concentration. Thus the zeolite membranes exhibit high selectivities (separation
factors between 1000 and 5000) over the entire range of ethanol concentrations. Such
high selectivities are mainly obtained due to the strong molecular sieving effect of the
zeolite crystals and the non-swelling of the membrane. However, it should be noted that
although the molecular sieving effect is strong, it is not complete. A finite solvent
concentration is always obtained in the permeate suggesting a small permeation of the
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solvent molecules through the membrane. It is thought that this solvent permeation takes
place through both the non-zeolitic domains present in the crystalline structure of the
active layer and through the zeolite crystals themselves. The nature of the non-zeolitic
pores is not clear but it is thought that these may be cages with bigger aperture sizes
formed at crystal lattice boundaries. The hypothesis of solvent permeation through nonzeolitic regions is substantiated by the fact that pure solvent fluxes through the membrane
are significantly higher than that in the solvent-water mixtures. It is obvious that the
diffusion rate of the organic molecule through the crystal would still be significantly less
due to the strong frictional forces exerted by the pore walls on the molecule.
The variation of the total flux for methanol-water system with feed concentration
and temperature is shown in Figure 6.3. It is interesting to note that the flux trend for the
methanol-water system is quite similar to that of the ethanol-water mixture.

This

basically implies that for alcohol-water systems, when water is present in high
concentrations (30 to 100 wt. %), the water flux through the membrane is independent of
the nature of the solvent. This was further verified by conducting experiments with
isopropanol-water mixtures and the water flux trend was indeed found to be similar to
that of the other alcohol-water mixtures.

The water to methanol separation factor

exhibited by the membrane was in the range of 100 to 1000 (permeate concentration
varying from 0.1 to 1 wt. % methanol). Table 6.1 lists the calculated molecular diameters
(Van der Bruggen, et al., 1999) , dielectric constants (Solomons, 1992) and the dipole
moments (Lide, 1996) for the various solvents. From Table 6.1, it can be seen that the
methanol molecule is smaller than the ethanol molecule and hence it would be expected
that its leakage rate through the membrane is higher. It should be mentioned at this stage
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Table 6.1 Solvents and Their Physical Properties

a
b

Solvent

Calculated Molecular
Diameter (nm)

Dipole Moment
(Debye)

Dielectric
Constant

Water

0.26a

1.85

80

Dimethylformamide

-

3.82

37

Methanol

0.41b

1.7

33

Ethanol

0.52b

1.69

24

Isopropanol

0.58b

1.58

-

kinetic diameter obtained from Breck (1974)
Van der Bruggen et al., (1999)
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that conventional PVA based hydrophilic polymeric membranes show separation factors
of only about 2-3. The reason for the low selectivity shown by polymeric membranes is
the fact that both water and methanol are highly polar in nature and the size difference
between the molecules is small. Hence the polymeric membrane (such as PVA) based
selectivity for these molecules is very low; on the other hand, the zeolite membranes have
the distinct advantage of an uniform crystal size leading to significantly higher separation
efficiencies.

6.2.2 Effect of Feed Temperature
Figures 6.4 shows the Arrhenius type plot (ln flux vs 1/T) for water permeation
through zeolite membranes for methanol-water mixture. The linear trend in the plot is
proof of the fact that diffusion through zeolite crystals in an activated phenomenon. The
Arrhenius plot for the ethanol-water mixture was observed to follow a similar trend as
shown in Figure 6.5. The average water flux activation energies for both the systems
(ethanol-water and methanol-water) were computed to be 10.9 and 10.6 kcal/mole
respectively. Thus, the similar nature of both the systems strengthens the hypothesis that
the water permeation through the zeolite membrane is independent of the alcohol present
in the feed. It can be seen in Figure 6.4 that at very high alcohol concentrations, the
intercept of the line decreases (line shifts downward) but the slope still remains the same.
At high alcohol concentrations, the water activity in the feed decreases significantly and
as a result the driving force for water permeation decreases causing a lowering of the
flux. However, once the water molecules enter the crystal matrix, they diffuse in the
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Figure 6.4 Variation of ln (Water Flux) with 1/T through Zeolite NaA Membrane for
Methanol-Water Mixture at Different Compositions
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Figure 6.5 Variation of ln (Water Flux) with 1/T through Zeolite NaA Membrane for
Ethanol-Water Mixture at Different Compositions
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usual manner with the same activation energy. This effect is manifested in the fact that
the slope of the line remains constant.

6.3 DMF-Water and Other Systems
The variation of the total flux for the DMF-water system with feed concentration
and temperature can be seen in Figure 6.6. It can be observed that the water flux trend
for the DMF-water mixture is distinctly different than that for the alcohol-water systems.
In contrast to alcohol-water mixtures, the water flux for the DMF-water system decreases
more rapidly with an increase in the feed DMF concentration. This could again be
possibly attributed to the strong sorption of DMF on the ionic sites in the zeolite
membrane leading to a blockage of the water sites and hence the lower water flux. It
should be noted that DMF is an aprotic solvent with very high dipole moment. Due to
the strong sorption of DMF in the micropores, the frictional effects between water and
DMF are expected to be more dominant implying that the 1st term on the RHS of
equation 3.96 cannot be neglected anymore. Another effect that could be playing an
important role is the decrease of water diffusivity due to high site occupancy of DMF.
Recalling equation 3.69, the diffusivity is a strong function of the number of vacant sites
present. Since both DMF and water have a strong affinity for the zeolite sites, the total
site occupancy (θt) is expected to increase significantly thus causing a decrease in the
diffusivity and also the water flux.
To further ascertain the claim that the water flux through the zeolite membrane
remains constant at high water concentrations (50 to 100 wt. %) in the feed, experiments
were performed with two other solvent mixtures; ethyl acetate-water and acetone-water.
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Figure 6.6 Effect of Feed Dimethylformamide Concentration on Total Flux through
Zeolite NaA Membranes at Different Temperatures
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Ethyl acetate is only partially miscible with water and hence experiments had to be
restricted to a maximum of 8 wt. % ethyl acetate in solution. The water flux at 60 °C for
5 wt. % ethyl acetate solution was observed to be 2.65 kg/m2/hr as compared to 2.7
kg/m2/hr pure water flux for the same membrane. The selectivity of water over ethyl
acetate was found to lie in the range of 200 to 500. Also for acetone-water mixtures, the
water flux was found to be about 2.6 kg/m2/hr at 50 wt. % acetone which is the same as
pure water flux. For the solvents studied (except DMF), the above data strengthens the
fact that the water flux is indeed independent of the solvent concentration in the presence
of excess water.

6.4 Solvent Permeation and VLE Comparison
The variation of methanol fluxes through the membrane for various feed
concentrations and temperatures has been shown in Figure 6.7. It can be seen from the
figure that the methanol flux is substantially low, over a wide range of concentrations
(0 to 6 x 10

– 3

kg/m2/hr), varying from 0 to 90 wt. % methanol. It is due to this low

solvent flux that the membrane exhibits a high selectivity throughout the entire range in
contrast to polymeric membranes. It can also be observed from Figure 6.7 that the pure
methanol flux through the membrane is an order of magnitude higher than that at low
methanol concentrations. This implies that the zeolite crystals do not completely reject
alcohol molecules like ethanol and methanol. The variation of the ethanol flux through
the zeolite membrane with feed ethanol concentration has been shown in Figure 6.8. The
ethanol flux is found to vary from 0 to 5 x 10

– 3

kg/m2/hr as the feed ethanol

concentration is increased from 0 to 90 wt. % ethanol. Also, the pure methanol flux (0.25
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Figure 6.7 Effect of Feed Methanol Concentration on Methanol Flux through Zeolite
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Figure 6.8 Effect of Feed Ethanol Concentration on Ethanol Flux through Zeolite NaA
Membrane at Different Temperatures

184
kg/m2/hr at 60 °C) was observed to be higher than the pure ethanol flux (0.05 kg/m2/hr at
60 °C). Thus, it is obvious that the methanol molecule diffuses more easily through the
zeolite active layer (comprised of both cages and non-zeolitic pores) than the ethanol
molecule. Figure 6.9 is a comparison of the water concentration obtained in permeate by
pervaporation (for the methanol-water mixture) and that obtained in the vapor phase by
VLE. It is a common practice to express the pervaporation selectivity as the product of
the VLE selectivity and the membrane selectivity (Wijmans and Baker, 1993). It is clear
from Figure 6.9 that the membrane selectivity is indeed very high since the permeate is
primarily composed of water over the entire concentration range.
Figure 6.10 is a relative comparison of the pure component fluxes of various
solvents through the zeolite membrane. A correlation seems to exist between the solvent
polarity and flux through the membrane. It appears from Figure 6.10 that higher the
solvent polarity, the greater is its flux through the zeolite matrix. It is very interesting to
observe that the flux of dimethylformamide (in spite of being a bigger molecule) is higher
than the ethanol and methanol flux. It may be possible that DMF, due to its highly polar
nature, competes with water to sorb on the sites in the zeolite channel thus suppressing
the water flux. From Table 6.1, it is seen that dimethylformamide has the highest dipole
moment of 3.82 Debye whereas ethanol has the lowest dipole moment of 1.69. Due to its
high dipole moment, the electrostatic interactions of DMF are significant in the zeolite
micropore causing the strong sorption effects. Pure DMF may permeate through both the
defect channels and the actual channels.

For solvents (such as DMF), if specific

interaction with zeolite water sites occur then one would also expect higher solvent flux.
This is indeed the case as shown in Figure 6.10. Also, the trend of the pure component
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fluxes shown in Figure 6.10 appears to agree well with the dielectric constants of the
solvents listed in Table 6.1.
Experiments were also performed with pure hexane and octane to ascertain the
impact of non-zeolitic domains on solvent permeation. Both hexane and octane are
highly non-polar and therefore their permeation through the actual zeolite A cages is
expected to be very low. The pure component flux of hexane and octane through the
zeolite membrane were observed to be 0.23 and 0.08 kg/m2/hr at 60 °C, respectively,
which is quite small compared to water flux of approximately 2 kg/m2/hr. It should be
noted that our studies consisted of water miscible organic systems.

Because of

preferential water sorption (thus reducing effective cage diameter) even in non-zeolitic
pores, the membrane excludes the organics and thus resulting in high separation factors
of 100 to 2000. On the other hand, if these non-zeolitic pores allowed complete passage
of the organics, the separation factor will be quite low. For example, even for a 95 wt. %
ethanol-water mixture, if all the ethanol is assumed to permeate through the non-zeolitic
domains (value same as pure ethanol flux - 0.051 kg/m2/hr) and the water flux through
the zeolite channels is assumed to be 1.5 kg/m2/hr (from Figure 6.2), the permeate
concentration obtained would approximately be 3.6 wt. %.

The permeate ethanol

concentrations was observed to be an order of magnitude lower than this value in actual
experiments. This implies that in the presence of water, the non-zeolitic interstitial pores
preferentially sorb water in contrast to the organic solvent. The additional proof that these
membranes are molecularly selective can be found in the work (with zeolite A
membranes) reported by Aoki and coworkers (1998).

Aoki et al. (1998) obtained

separation factors of 4.8 for H2/N2 (using mixtures) separation using zeolite A

188
membranes. Even with O2 and N2, the reported permeance of O2 is two times that of N2.
They also mentioned that these factors are lower than ideal separation factors because of
the presence of ‘structural pores larger than the actual zeolite pores.’ The observations
made by Aoki and coworkers with gases and our work with solvents thus lends credence
to the hypothesis that although the non-zeolitic pores are present, the membrane is
molecularly selective.

6.5 Role of Water Sorption and Flux Correlations
Table 6.2 shows the water sorption data of zeolite NaA powder for various
solvent mixtures such as ethanol-water, isopropanol-water and DMF-water. It is seen
that at very low solvent concentrations in the feed (0.04 mol % solvent), the water
sorption of zeolite NaA is very high (approximately 0.6 gm/gm zeolite) and independent
of the nature of the solvent present in the mixture. This corroborates the earlier argument
that zeolite NaA is highly hydrophilic resulting in the high flux and selectivity of the
membrane.
At higher solvent concentrations (28 mol % solvent), the water sorption for
ethanol-water was observed to decrease to about 0.36 gm/gm zeolite powder.

The

corresponding water sorption for DMF-water mixture at the same concentration was
found to be 0.25 gm/gm zeolite powder. Thus the water sorption for the DMF-water
mixture is 30 % lesser than for the ethanol-water mixture. The difference in the activity
of water in the two mixtures is 13 % (water activity in 28 mol % DMF-water is 0.75 and
water activity in 28 mol % ethanol-water is 0.86). Thus the activity difference alone
cannot account for the considerable difference in the sorption values. The hypothesis of
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Table 6.2 Water Sorption on Zeolite NaA Powder in Various Solvent Mixtures at 25 °C

Solution

Sorption
(gm water/gm zeolite )

No. of
replicates

0.04 mol % ethanol (0.1 wt. %)

0.6 ± 0.06

5

0.04 mol % IPA (0.13 wt. %)

0.58 ± 0.07

4

0.04 mol % DMF (0.16 wt. %)

0.59 ± 0.2

3

28.1 mol % ethanol (50 wt. %)

0.36 ± 0.06

3

28.1 mol % DMF (60 wt. %)

0.25 ± 0.03

3

61 mol % ethanol (80 wt. %)

0.18 ± 0.05

3

78 mol % ethanol (90 wt. %)

0.16 ± 0.04

4
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the strong interaction between DMF molecules and zeolite NaA sites is thereby
strengthened and a lower sorption of water at high DMF concentrations results due to
these interactions. The water sorption of zeolite powder at high ethanol concentrations
(80 and 90 wt. %) was also studied. The sorption values at these concentrations were
found to be 0.18 and 0.16 gm/gm powder, respectively. Thus the water sorption of the
NaA material in 90 wt. % ethanol is 26 % of the pure water sorption value. This could
partially explain the lowering of the total flux through the membrane at high solvent
concentrations.
Table 6.3 compares the water sorption data for a few zeolitic materials reported in
the literature. Most of the sorption studies on various zeolites have been conducted in the
vapor phase. Literature water vapor sorption data for zeolite A indicates a value (from
Table 6.3) of 0.25 gm/gm at P/Psat = 0.9. On the other hand, Bindal et al. (Bindal and
Misra, 1986) have obtained sorption data on zeolite 4A powder from ethanol-water
solutions having high concentrations of ethanol. The sorption value at 8 wt. % water is
reported to be 0.11 gm/gm whereas the sorption value obtained in our experiments (at 10
wt. % water) is approximately 0.16 gm/gm. To benchmark the new technique, water
sorption experiments were also performed with silica particles using potassium nitrate as
a tracer compound. The increase in nitrate concentration was used to measure the
amount of water sorbed. The water sorption value for silica by the new technique was
observed to be approximately 0.35 gm/gm. The values reported in literature (Jury and
Edwards, 1971) by vapor sorption techniques at high P/Psat are also found to lie in the
same range (approximately 0.32 gm/gm). Thus the novel sorption technique agrees very
well with vapor sorption data in the case of silica particles but exhibits high sorption
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Table 6.3 Water Sorption of Various Zeolitic Materials

Zeolite
Material

Method

Temp.
°C

Water pickup g/g

Reference

H-ZSM5

Vapor Sorption

25

0.03 to 0.16 at
P/Psat=0.9

Sano et al.
(1997)

Chabazite

Vapor Sorption

20

0.35 at P/Psat=0.95

Yamanaka et al.
(1989)

Clinoptilolites Vapor Sorption

20

0.25 at P/Psat=0.95

Yamanaka et al.
(1989)

Zeolite A

Vapor Sorption

60

0.136 in N2 sat.
with water vapor

Muller et al.
(1998)

Zeolite 4A

Liquid
Sorption

27

0.11 in ethanol (92
wt %)-water
solution

Bindal and Misra
(1986)

Zeolite A

Vapor Sorption

25

0.25 at P/Psat = 0.9

Breck (1974)

Zeolite A

Vapor Sorption

100

0.18 at P/Psat = 0.03

Breck (1974)
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values for zeolite 4A particles. One of the reasons for this behavior is due to the presence
of non-zeolitic interstitial pores, which sorb a significant amount of water thus causing
the apparent high water sorption values. Also, as expected, the sorption values for ZSM5 (a hydrophobic zeolite) are lower than the hydrophilic ones like mineral zeolites and
zeolite A.
Equation 3.110 was used to calculate the diffusivity values of water through the
zeolite matrix at 25 °C from the value of the water flux and sorption at the same
temperature. The diffusivity of pure water through zeolite at 25 °C was computed
(assuming qw,p = 0, ρz = 1990 kg/m3 from Breck, 1974, ε = 0.49 from Breck, 1974, and z
= 30µ from SEM pictures) to be 3.11 x 10 - 8 cm2/s (using experimental value of Jw at 25
°C = 0.22 kg/m2/hr and qw,f = 0.6 kg/kg zeolite). The diffusivity of water through the
zeolite using the water flux and sorption data (experimental value of Jw at 50 wt. %
ethanol and 25 °C = 0.2 kg/m2/hr and qw,f = 0.36 kg/kg zeolite) at 50 wt. % ethanol and
the same temperature, yielded a value of 4.7 x 10 - 8 cm2/s. The two values calculated are
in reasonable agreement with each other. Sorption studies were also carried out on the
zeolite NaA membrane. The zeolite membrane was crushed into fine pieces and the
sorption experiments were performed in a similar manner as the powder. The sorption of
the zeolite membrane was measured to be 0.29 gm/gm membrane again indicating high
hydrophilicity. This value is lower than the water sorption for the zeolite powder because
of the backing material.
An attempt was made to correlate the water flux for the various solvent systems
with partial pressure driving force, using equation 3.30. Figure 6.11 is a graphical
depiction of the dependence of the normalized water flux through the zeolite membrane
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Figure 6.11 Variation of Normalized Water Flux through Zeolite NaA with Feed
Water Driving Force (in torr) for Various Alcohol-Water Mixtures
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on the partial pressure driving force for pure water and alcohol-water mixtures. The
water fluxes were normalized with the pure water flux at 60 °C to preclude membrane to
membrane variations. Some of the normalized flux values are above unity because the
data also includes flux values at 70 °C whereas the normalization has been done with the
pure water flux at 60 °C. It can be seen that the pure water flux through the membrane
varies linearly with the partial pressure driving force. Thus the pure water permeability
of the membrane is a constant. The constancy of the pure water permeability under
different conditions indicates that there are no swelling effects for the zeolite membrane,
which is expected. It would also be expected that in the high water concentration region
(70 to 100 wt. % water) the water permeability would decrease because the flux attains a
constant value whereas the driving force is still increasing. However, the permeabilities
do not fall dramatically going from 70 wt. % water to pure water due to the fact that the
driving force does not change drastically in this region. The feed water partial pressures
for 70 wt. % and pure water are 136 and 149 Torr at 60 °C, respectively. Thus the
permeability (at 60 °C) drops only by 15 % going from 70 wt. % to 100 wt. % water, at a
constant permeate pressure of 20 Torr. As can be seen from the figure, most of the flux
data for the alcohol-water systems is in good agreement with the simplified model shown
in equation 3.30. Some crowding of the flux data above the pure water flux line is
observed in the region of low partial pressure driving force. It should be noted that this
region is mainly associated with high solvent concentrations.

As indicated by the

sorption data, the presence of high concentration of solvent has a noticeable effect on the
water sorption in the zeolite matrix. Thus deviations from the pure water data are
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expected. However, the model gives a reasonably good fit (R2 = 0.92) for the alcoholwater flux data.
Figure 6.12 shows the effect of the partial pressure driving force on the water flux
through zeolite NaA membrane for the DMF-water mixture. The figure also includes a
similar plot for water flux through PVA membranes for ethanol-water mixtures. In the
case of the zeolite membrane with the DMF-water mixtures, it can be observed that the
water flux does not vary linearly with the driving force. In fact, the water flux for the
DMF-water mixtures at a given partial pressure is lower than the pure water flux at the
same partial pressure. This is in corroboration with the previously mentioned reason that
DMF competes actively with water for the sorption sites and hence the water flux is
depressed. In the case of PVA membranes, it can be seen that the water flux increases
sharply at high water partial pressures indicating a large increase in the permeability at
high water concentrations.

Also for the PVA membranes, the solvent permeability

increases by a higher amount as compared to the water permeability and therefore there is
a significant loss of selectivity at high water concentrations.
Table 6.4 summarizes and compares the pervaporation results for the PVA and
the zeolite membranes. The comparison for both the membranes has been drawn under
similar feed conditions, that is, feed concentration of 30 wt. % solvent and feed
temperature of 60 °C.

The PVA membrane does not exhibit high selectivities for

methanol-water mixtures over the entire range and for water-ethanol mixtures at high
water concentrations. On the contrary, the zeolite NaA membranes show reasonably high
selectivities for both the above mixtures, over the entire concentration range. Also, PVA-

Normalized Water Flux (J/J pure water at 60 C )

196

Pure Water through NaA
DMF-Water through NaA
Literature PVA-Ethanol-Water Data
PVA(PV1001)-Ethanol-Water Data (Shah et al., 1999)

2.0
1.8
1.6
1.4
1.2
1.0
0.8
0.6
0.4
0.2
0.0

0

20

40

60

80

100

120

140

160

180

200

220

s

Driving Force (ai P i - y i P p )

Figure 6.12 Variation of Normalized Water Flux through Zeolite NaA and PVA
Membranes with Feed Water Driving Force (in torr) for Alcohol-Water and DMF-Water
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Table 6.4 Comparison of Selected Solvent /Water Pervaporation Results for Zeolite and
PVA Membranes

Membrane

System

Feed
Solvent
Conc.
(wt. %)
30

Temp.
°C

Separation
Factor

PVA

EthanolWater

Zeolite

60

EthanolWater

30

PVA

Methanol
-Water

Zeolite

Methanol
-Water

PVA

DMFWater

Zeolite

DMFWater

Total Flux
(kg/m2/hr)

16.4

Permeate
Solvent
Conc.
(wt. %)
2.5

60

1390

0.017

2.2

30

60

2.5

14.5

0.5

30

60

110

0.38

1.8

0.12

1.9

0.45

cannot be used
30

60

380
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based membranes cannot be used to separate DMF mixtures but the zeolite membranes
can be quite effective for such applications.

6.6 Comparison between Polymeric PVA and Zeolite NaA Membranes
There are several key differences between PVA and zeolite NaA pervaporation
membranes.

The zeolite membranes are typically more solvent resistant than the

polymeric membranes. The solvent resistance of the PVA membranes can be enhanced
to a certain extent by crosslinking these membranes. The polymeric PVA membranes are
made by the phase inversion process whereas the zeolite membranes are made by the
hydrogel deposition process. The polymeric PVA membranes are available either as
plate and frame or spiral wound modules. The zeolite membranes are available as tubular
modules. Typically, the zeolite membrane modules are five times more expensive than
the PVA membrane modules. The commercial PVA membranes generally have

-OH

functional groups whereas the commercial zeolite membranes have cationic species like
Na+ or K+ present in the pore structure. The transport mechanism in hydrophilic PVA
membranes is based on the strong hydrogen bonding between water and the –OH groups,
whereas the transport mechanism in zeolite membranes depends on the strong ionic
interactions between water and the cationic sites. In contrast to polymeric membranes,
zeolite membranes have a narrow pore size distribution which helps in achieving a partial
molecular sieving effect. The diffusion process through both types of membranes is an
activated phenomenon. The polymeric membranes swell significantly at high water
concentrations whereas the zeolite membranes are non-swelling. The flux through zeolite
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membranes at 60 °C is about 5 times higher than that for polymeric PVA membranes.
This is because the ionic interactions in zeolitic materials are stronger than the hydrogen
bonding interactions present in PVA membranes. Due to the molecular sieving effect
present in the zeolite membranes, these membranes exhibit high selectivities over a wide
range of concentrations. In comparison, the polymeric PVA membranes only exhibit
high selectivities at low water concentrations.

The driving force in the zeolite

membranes is a simple difference in the water sorption between the feed and permeate
side. On the other hand, the driving force in polymeric PVA membranes cannot be
represented in a simple manner and the use of group contribution theories is needed to
compute the activity gradient in the membrane.

Table 6.5 summarizes the major

differences in the polymeric PVA and zeolite NaA membranes.
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Table 6.5 Comparison of Hydrophilic PVA and Zeolite NaA Membranes

PVA Membranes

Zeolite NaA Membranes

PH Stability

Unstable at low pH

Stable in pH range 4 - 9

Solvent Stability

Dissolves in harsh solvents

High

such as DMF and THF
Effect of High Water

Significant swelling

No swelling

120 °C

150 °C

-OH group

Mono or divalent cations

Concentrations
Maximum Operating
Temperature
Functional Groups

present in crystal lattice
Type of Interactions

Hydrogen bonding

Ionic Interactions

Flux

Low

High

Selectivity

High at low water

High for all alcohol-water

concentrations, Low

systems over the entire

selectivity for methanol-

range of concentration

water system
Commercial Availability

Plate and frame and spiral

Tubular modules

wound modules
Cost

Low

High

CHAPTER 7
APPLICATIONS OF PERVAPORATION PROCESS TO THE
PHARMACEUTICAL INDUSTRY

Pervaporation has been conventionally used for the dehydration of solvents and
removal of VOCs from aqueous waste streams. However, pervaporation finds novel
applications in the pharmaceutical industry for waste volume reduction and solvent
recovery due to the unique nature of pharmaceutical processes. This chapter will mainly
describe the characteristics of pharmaceutical solvent streams and the application of
pervaporation or hybrid membrane-based processes for the treatment of these streams.

7.1 Characteristics of Pharmaceutical Processes
Pharmaceutical processes are typically low volume batch processes.

The

production of a synthetic organic medicinal chemical may involve chemical/biological
modification of existing compounds (such as an antibiotic, or drug from plant/animal
sources) or the complete synthesis of the drug molecules from the basic compounds. For
example, the synthesis of vitamin A is carried out from basic building blocks like
acetone, acetic acid, acetylene, etc. Thus, pharmaceutical products are usually high-value
products and hence optimum yield and recovery of these compounds is of utmost
importance. The volume of the batches may also vary depending on the market demand
of the product. Also, pharmaceutical streams are multi-component, complex streams
mainly due to the fact that the synthesis of a product or an intermediate is usually
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comprised of multiple reaction and separation steps. The amount of process waste
generated per kg of product and the composition of the effluent stream will vary greatly
depending on the number of reaction steps, yield of each step and the solvent used
(Torrens et al., 1992). For example, in the manufacture of aspirin, which requires only
two steps with an overall yield of 80 %, only 0.2 kg of organic residue is produced per kg
of aspirin. On the other hand, in the production of vitamin A, which is a 13 step process
with an overall yield of 15-20 %, 7 kg of organic waste per kg of product is generated
(US EPA Report No. 1.11:508, 1976). Thus, the pharmaceutical process streams may be
aqueous or solvent-rich and could contain a variety of solvents, inorganic salts (such as
potassium chloride and sodium chloride) and moderate to high MW compounds. The
separation objective may also vary depending on the composition and the volume of the
stream (Linninger and Chakraborty, 1999). In some cases, a simple volume reduction of
the stream would suffice (mainly for waste minimization applications) whereas in certain
cases, the recovery of a particular solvent or compound may be more desirable. Table 7.1
(US EPA Report No. 1.8:P76/11, 1991) gives a typical description of the different kinds
of process streams/wastes generated in a pharmaceutical facility.
The conventional trend in the pharmaceutical industry has been towards
incineration of concentrated mixed solvent streams and bio-treatment of dilute aqueous
streams (Davidson, 1989; US EPA Report No. 1.11:508, 1976). The concentrated
solvent streams are generally incinerated (may be carried out onsite or offsite) because
recovery of solvents using conventional separation systems is not economical. Moreover,
the solvents, if recovered, have to be very pure in order to avoid potential contamination
problems. This poses an additional strain on the economics of any recovery system. The
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Table 7.1 Pharmaceutical Process Streams/Effluents

Stream Description

Process Origin

Composition

Process Liquors

Organic Synthesis

Mixed Solvents

Spent Fermentation
Broth

Fermentation Process

Contaminated Water

Aqueous Solutions

Solvent Extraction Process

Aqueous Stream
containing solvents

Volatile Organic
Compounds

Chemical Storage Tanks/ Drums

Solvents

Solvent Extraction or Wash
Practices

Contaminated
Solvents

Spent Solvents

Adapted from US EPA Report No. 1.8:P76/11, 1991
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bio-treatment of dilute streams may also be problematic due to high BOD/COD loading
and potential toxicity of the waste stream. In recent times, the environmental agencies
have become more stringent regarding the effluent discharge limits and incineration
practices in a manufacturing facility (Garcia et al., 1995). Another problem associated
with offsite incineration is the possibility of hazardous waste spills and the associated
liability. Hence there is an increased emphasis on volume reduction of wastes and
recovery of solvents.

7.2 Development of Membrane/Hybrid Processes for Treating a Stream
To be able to construct a process scenario, it is essential to have a separation
objective in mind. The process flowsheet can vary to a great extent depending on the
separation goals. The determination of separation goals and the associated treatment
strategy is usually a recursive process.

The objective function of this exercise is

minimization of the capital/operating costs of the treatment strategy and meeting the
discharge/recovery specifications at the same time. The optimal treatment strategy may
be comprised of combinations of various unit operations and this is usually called a
hybrid process. This section will focus on a few scenarios where membranes can be
utilized effectively in a stand-alone or hybrid mode to tackle the separation aims.

7.2.1 Solvent Recovery Application
Consider a process stream primarily consisting of a solvent like ethyl acetate,
tetrahydrofuran or dimethylformamide, containing small quantities of impurities like
water, methanol and ethanol. It is desired to recover the solvent in a pure form for reuse.
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Sometimes, a common problem encountered in the processing of such streams is that of
azeotrope formation due to the presence of water. Thus the removal of water from the
stream becomes necessary before the solvents can be further separated by distillation.
Pervaporation can prove to be an attractive technology for separation of azeotropic
mixtures. Hydrophilic pervaporation membranes can be used for removal of small
quantities of water from solvent streams. The separation of one such stream (containing
ethyl acetate) was studied along with the SmithKline Beecham research group. This
stream contains 74.6 wt. % ethyl acetate, 14.5 wt. % methyl acetate, 6.3 wt. % ethanol,
0.5 wt. % methanol, 0.5 wt. % IPA and 3.6 wt. % water. It is desired to recover as much
ethyl acetate from this stream as possible. However, this system forms an azeotrope due
to the presence of water. The first step of the separation is to remove water from the
mixture using a hydrophilic zeolite membrane and then distilling the retentate to obtain a
purified ethyl acetate stream. Figure 7.1 shows a schematic of the membrane based
hybrid process that can be used for recovery of the solvent. A solvent mixture containing
ethylacetate was prepared and then treated by pervaporation using the same zeolite
membrane module discussed in the previous section. The experiment extended over 10
hours to recover as much water as possible and permeate and retentate samples were
taken at regular intervals for analysis. The water concentration of the permeate and
retentate samples was analyzed using Karl Fischer titration.
Figure 7.2 shows the variation of the total flux of the system with the water
concentration of the surrogate ethyl acetate stream. It can be seen that the water flux
drops linearly below 3 wt. % water in the feed. It was possible to dehydrate the retentate
stream up to 0.4 wt. % water. The sharp decrease in the flux in the dehydration region is
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Purified
Solvent

Complex Solvent
Mixture containing
small quantities of water,
forms an azeotrope

Hydrophilic PV
membrane

Dehydrated
Solvent Mixture
Pervaporation

Permeate (mainly water)

Distillation

Solvent
Waste

Figure 7.1 Hybrid Membrane Based Process (Pervaporation + Distillation) for Recovery
of a Valuable Pharmaceutical Solvent

207

1.4

Total Flux (kg/m2/hr)

1.2

Permeate Water Concentration > 99 wt %

1.0
0.8
0.6
0.4
0.2
0.0

0.0

0.4

0.8

1.2

1.6

Solvent

Composition

Ethyl Acetate

74.6 wt %
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Figure 7.2 Variation of Total Flux through Zeolite Membrane with the Feed Water
Concentration in the Surrogate Ethyl Acetate Stream at 60 °C
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due to the limited availability of water molecules (and thus low water activity) for
sorption on the zeolite sites. Also, the effect of concentration polarization is expected to
be more severe in this region. The quality of water obtained in the permeate varied from
about 99.9 wt. % water at 3.6 wt. % feed concentration to 88.9 wt. % water at 0.4 wt. %
water in the feed. Thus in the dehydration regime, as the zeolite sites have limited
availability of water, the sorption and diffusion of the solvent molecules is going to
become more dominant leading to a poor permeate quality. The average flux in the
dehydration area for zeolite membranes is observed to be considerably higher than that of
polymeric PVA (PV 1001) membranes (0.05 kg/m2/hr at 60°C for 95 wt. % ethanol-water
mixture) which is a distinct advantage. Thus the feasibility of using zeolite membranes
for dehydration of complex solvent mixtures is also demonstrated. Zeolite membranes
have a higher flux than polymeric membranes under similar conditions. However, these
membranes are currently more expensive than polymeric membranes and thus the choice
of either type of membrane would depend on the total capital and operating cost in each
case. Also, in the case of corrosive solvents like DMF and THF, one would have to use
inorganic membranes.

7.2.2 Waste Volume Reduction Application
Pharmaceutical aqueous waste streams are generally characterized by the
presence of moderate to high (20-40 wt. %) concentrations of solvents (ethanol, ethyl
acetate, methanol, tetrahydrofuran), inorganic salts (sodium chloride) and organics (MW
200-600).

The disposal of pharmaceutical wastes can be carried out by biological

treatment or incineration. Solvent streams containing higher concentrations of organics
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and impurities cannot be discharged to the biological waste treatment plant because of
high BOD/COD loading or potential toxicity. Hence, for various concentrated streams,
the only feasible method for the disposal of these streams is incineration. However,
pervaporation offers a cost-effective way for the volume reduction of these wastes
leading to a considerable saving in the incineration cost.

It should be noted that

incineration cannot be completely eliminated by pervaporation.

The concentrated

(retentate) organic stream emerging from the pervaporation unit would still have to be
disposed. Figure 7.3 shows a schematic of combination of pervaporation and incineration
for volume reduction of aqueous pharmaceutical wastes. Since the concentrated organic
stream would be a complex mixture of various organics, recycling may not be always
feasible and it would have to be incinerated. However, the incineration cost of the
concentrated organic stream is less than that of the dilute aqueous waste because of the
higher fuel value of the retentate. One of the major advantages of using pervaporation for
the waste treatment is that pharmaceutical processes are generally batch processes (low
volume high value product based processes) and hence the quantities of waste generated
are small in volume. As a result, the membrane area requirement is generally less. Also
pervaporation systems are usually modular in nature and thus highly flexible.
Tables 7.2 and 7.3 list the actual composition of two pharmaceutical waste
streams. As can be seen, water is the major component in both the streams. The
presence of methanol in small quantities along with other organics and salts in stream A,
is expected to affect the pervaporation performance. Pervaporation experiments were
performed on waste stream A using the PV 1001 membrane at 60 0C.

The waste

separation was characterized in terms of the total flux and the TOC reduction factor,
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Waste

Retentate
Pervaporation Unit (concentrated)

Water permeable
PV membrane

Incineration or
Recycle

Permeate
(mainly water)
Biotreatment
Facility
Discharge

Figure 7.3 Proposed Treatment Strategy for Volume Reduction of a Pharmaceutical
Aqueous Stream by Pervaporation
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Table 7.2 Pharmaceutical Waste Stream A Composition

Compound

Approximate Weight %

Water

64

Ethanol

24

Methanol

2

Sodium Chloride

4

Other Organic Impurities

6

TOC

~145,000 mg/L

COD

~700,000 mg/L

Stream was yellow in color.
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Table 7.3 Dilute Pharmaceutical Waste Stream B Composition

Compound

Concentration (mg/L)

Ethyl Acetate

37,000

Ethanol

43,000

Methanol

8,000

Methyl Acetate

7,000

Acetic Acid

92,000

COD

~205,000 mg/L
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which essentially is the ratio of the feed TOC to permeate TOC.

Figure 7.4 is a

comparison of the total flux and TOC reduction obtained on the waste stream, at different
temperatures. It can be observed that the total flux at 60 0C is about 6.4 times higher than
that at 28 0C. Also the TOC removal at 28 0C is 2.5 times lower than that at 60 0C. It
should be mentioned that 87% TOC and COD removals were obtained for the waste
streams.
The effect of the temperature on selectivity (or separation factor) depends on the
variation of the sorption of the species in the membrane with temperature and the relative
changes in the diffusion coefficient for the diffusing species. As a result, the decrease of
selectivity with temperature, for a complex multicomponent system, cannot be easily
explained. With dilute “Waste Stream B”, the COD reduction factor was about half of
that obtained with “Waste A”.

This would be expected because of considerable

membrane swelling due to very high water content. Thus, one would not consider the use
of a water selective permeation membrane for very dilute wastes. Organic permeating
membranes (such as PDMS) membranes would be more desirable with this type of dilute
waste.
Experimental results indicated that the selectivity of a pervaporation membrane
varied with the feed composition (at constant feed temperature and permeate pressure)
and the highest selectivities were obtained at high solvent concentrations in the system.
To obtain desired concentration of alcohol retentate, one would need to have series of
pervaporation modules in series with the retentate of one module being the feed (after
preheating) to the next module. The pressure drop and the temperature drop across each
module would be the major design considerations for such a kind of arrangement. With
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Figure 7.4 Comparison of Flux and TOC Reduction Factor for Waste A using
hydrophilic PV 1001 Membrane at Different Temperatures
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existing biological treatment plant, the permeate with low organics can be fed to the
bioprocess. Another alternative is the use of hybrid systems for the treatment of the
waste. A hybrid system can be defined as the combination of one or more different
separation units/strategies in a sequential or parallel or a mixed mode to attain the desired
separation goal. One such hybrid system that can be visualized for the above case is the
combination of distillation with pervaporation. The raw waste stream can be separated in
a distillation column into two fractions: one fraction rich in solvents and the other rich in
water. These two fractions may then be further subjected to treatment by pervaporation
to obtain the desired water quality. However such a hybrid system would lose the
advantage of modularity.
Figure 7.5 gives a cost comparison between incineration and pervaporation for the
disposal/treatment of “Waste A”. The operating cost of pervaporation strategy includes
the membrane replacement cost (using 2 year life), preheating and condensation cost and
the cost of disposal of the retentate. Capital depreciation, interest on borrowed capital,
etc. have not been included in the above calculations. A membrane cost of $ 2200/m2
(reported in Figure 7.5) has been used to estimate the plate and frame module cost. The
initial temperature of the feed has been assumed to be 25 0C and the latent heat of
condensation is assumed to be 540 kcal/kg (since the permeate primarily contains water).
The entire energy requirement was calculated in terms of KWH and a utility cost of 5
cents per KWH was used to compute the energy cost.

The cost of the biological

treatment of the permeate is nominal (due to the presence of existing biological treatment
facilities at most plants) and has been neglected. Also, the cost of the feed pumps and
other accessories are not considered in these calculations. Based on the waste

Cost ( million $ per year)
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Figure 7.5 Comparison of Incineration and Proposed Treatment Costs for Waste A using
the Treatment Strategy outlined in figure 7.3
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experiments, it has been assumed that for every kg of waste, 0.7 kg of permeate
(containing about 2 to 4 wt. % ethanol) and 0.3 kg of retentate (containing 33 wt. %
ethanol and 50 wt. % water) is produced. For example, at 30000 kg per day loading, the
incineration cost lies in the range of 4.4 to 6.6 million dollars a year. On the other hand,
the operating cost (per year) with the pervaporation unit operating at 60 0C plus retentate
incineration, is about 2.5 million dollars. For this calculation, retentate incineration cost
was assumed to be $ 0.37 per kg (lower than the original feed because of higher heating
value). It should also be noted that as the feed temperature is increased to 75 0C, the
operating cost drops to 2.0 million dollars. This is because at 75 0C, the total flux is
expected to be 1.8 times the total flux at 60 0C due to which the membrane area
requirement for the unit decreases by the same proportion.

Hence, the number of

modules required for the unit also decreases leading to a lower capital investment cost.
The membrane replacement area also decreases resulting in a lower operating cost per
year. The capital investment cost for the pervaporation unit, in terms of plate and frame
module cost, is expected to be about 2.4 million dollars. However, spiral wound modules
for the same application can also be used which are cheaper than the plate and frame
modules. Based on the above preliminary cost estimates, it appears that the proposed
treatment method would be economically more viable for the disposal of the waste.

CHAPTER 8
SUMMARY AND CONCLUSIONS

An in-depth study of separation behavior of aqueous-organic mixtures and their
transport mechanisms through hydrophilic PVA and zeolite NaA membranes was
conducted in this research. The development of novel mathematical models in this work
provided a significant insight into the sorption and diffusion behavior of solvent species
in both types of membranes. Pervaporation offers distinct advantages over conventional
separation technologies such as distillation due to its modular nature and its ability to
separate azeotropes. These advantages can be exploited in the pharmaceutical industry
for waste volume reduction and solvent recovery applications. The use of pervaporation
for such applications was also investigated in detail in this study.
The separation of commercial PVA composite membrane was studied over a
broad range of concentration for binary alcohol-water systems. The effects of swelling or
plasticization on PVA membrane flux and selectivity were established. The total flux (at
55 0C) varied from 0.05 to 0.45 kg/m2/hr as the feed water concentration was increased
from 5 to 70 wt. %. There is a dramatic increase (about 100 times) in the separation
factor for alcohol-water systems with an increase in the feed alcohol composition from 5
to 70 wt. %. As expected, the water selectivity for isopropanol-water mixture was
observed to be higher than that for ethanol-water mixture. It was established that an
Arrhenius relationship exists between the flux and temperature for both ethanol-water
and isopropanol-water systems. The activation energy of permeation for water was not a
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constant. It was observed to increase from 8.5 to 15.4 kcal/mol as the feed ethanol
concentration was increased from 30 to 95 wt. %. Similar behavior was also observed for
the isopropanol-water system.
The alcohol/water-PVA membrane system forms a highly non-ideal mixture due
to the synergistic solubility effects.

These non-ideal effects are captured by the

UNIQUAC theory for sorption of binary mixtures in polymers.

A novel model

combining the strengths of the UNIQUAC theory and a fundamental transport equation
was proposed. The transport model along with the experimental pervaporation data was
used to develop the diffusivity correlations for water, ethanol and isopropanol through
PVA membranes.

It was established that the water diffusivity through the PVA

membrane increased linearly as the feed water activity was increased. Also the increase
in water diffusivity was observed to be more rapid at higher temperatures. The alcohol
diffusivity through the membrane was found to increase exponentially with the feed
water activity. As expected, the isopropanol diffusivity was observed to be lower than
the ethanol diffusivity. The diffusivity correlations developed were used to predict the
membrane performance at different feed conditions. Studies with ternary alcohol-watersalt (NaCl) feeds were also performed to ascertain the effect of presence of salts on
pervaporation separation characteristics. The effect of salts on the pervaporation of
binary alcohol-water mixtures becomes significant at high salt concentrations in the feed.
A drop in the flux (about 17-20%) and the selectivity/separation factor was observed at
high salt concentrations (about 12 %). The decrease in the flux can be possibly attributed
to the blockage of pores on the permeate side by tiny salt crystallites. The separation of
aqueous-organic systems was also studied using organophilic PDMS membranes. The
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PDMS membranes displayed a low selectivity (between 3 and 8) for alcohol-water
mixtures. The reason for the low selectivity is the affinity of the membrane for polar
species. A simple pure component permeation model was found adequate to model the
alcohol and water flux through the PDMS membrane.
The separation with commercial zeolite NaA membranes (highly water selective)
was also established over a broad range of concentrations and temperatures for binary
solvent-water systems. The total flux for the ethanol-water mixture was found to vary
from 2 to 0.05 kg/m2/hr at 600C. The flux trend for other alcohols like methanol and
isopropanol was found to be similar. The flux was also found to remain high over a large
range of concentration (0 to 50 wt % solvent) which could be very advantageous in terms
of a lower membrane area requirement.

Very high water-solvent selectivities were

obtained over the entire range of concentration for all alcohol-water systems. High
selectivities can be explained in terms of the strong interaction between the water
molecules and ionic sites in the zeolite crystal lattice and the partial sieving achieved by
the zeolite channels. Also, the water flux through the membrane was found to be
independent of the alcohol present in the feed (when water was present in high
concentrations 50 to 100 wt. %) implying that the water transport through the membrane
is uncoupled. The above result was also observed for other solvents such as ethyl acetate
and acetone. The impact of polar aprotic solvents like dimethylformamide on zeolite
NaA membrane performance was also studied.

For the dimethylformamide-water

mixture, the water flux was found to be lower than that for the alcohol-water system. A
possible reason for this could be the fact that dimethylformamide (being highly polar)
strongly sorbs on the ionic sites thus lowering the water surface coverage in the pore.
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The pure DMF flux through the membrane was also found to be higher (3 to 6 times)
than that of ethanol and methanol strengthening the above hypothesis. The zeolite
membrane active layer may contain certain non-zeolitic interstitial pores but because of
preferential water sorption, the loss of molecular selectivity is minimized.

The

importance of selective water sorption on water flux behavior was demonstrated using a
novel sorption technique. A high degree of hydrophilicity of the zeolite membrane is
suggested from a pure water sorption value of 0.6 gm/gm zeolite. The Maxwell-Stefan
theory was used to model the water flux through the zeolite membrane. For alcoholwater mixtures, it was found that the water flux through the membrane increases linearly
with an increase in the driving force. Due to the strong interaction of DMF with the ionic
sites in the zeolite matrix, a deviation from linearity was observed for DMF-water
mixtures.
Due to the unique nature of pharmaceutical streams, it was concluded that the
pervaporation could be effectively used in niche areas such as waste volume reduction
and solvent recovery application in the pharmaceutical industry.

In some cases,

pervaporation in conjunction with other separation units may have to be used to meet the
required separation goal. Pharmaceutical wastes having high organic content cannot be
discharged to the bio-treatment facility due to the high BOD and COD loading and
potential toxicity and hence have to be incinerated. Pervaporation can be used for the
concentration/volume reduction of such wastes.

The use of zeolite membranes for

dehydration of a pharmaceutical stream to aid the recovery of ethyl acetate from an
azeotropic mixture was also studied. The results indicated that a higher average water
flux is obtained in the dehydration range as compared to polymeric membranes and also
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that the flux becomes more sensitive to the water concentration in the feed because of
limited availability of water molecules for sorption on zeolite sites.

The distinct

advantages offered by inorganic zeolite membranes are their high solvent resistance,
possibility of operating at high temperatures and non-swelling tendency. Due to these
properties, it is possible to use these membranes with a variety of solvents and over a
broad spectrum of process conditions and temperature. Thus, it would be possible to use
these membranes under conditions where the polymeric membranes cannot be used due
to swelling, membrane stability considerations or low selectivity. By using zeolites with
different cage sizes or different cationic species, it may be possible to tailor these
membranes for specific purposes such as organic-organic separations and membrane
reactor applications.
Several significant achievements of this work have been outlined below.
1) Establishment of separation behavior of binary alcohol-water mixtures over a broad
range of feed concentrations and temperature using new generation commercial PVA
membranes.
2) Development of a novel transport model incorporating the strengths of UNIQUAC
sorption theory and a fundamental transport equation, to predict flux through PVA
membranes.
3) Development of diffusivity correlations and concentration profiles for various solvent
species through PVA membranes as functions of feed concentration and temperature.
4) Prediction of performance of PVA membranes under various feed concentrations,
temperatures and permeate pressures, using the novel transport model.
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5) Establishment of effect of presence of inorganic salts in feed on PVA membrane
performance.
6) Detailed investigation of separation behavior of aqueous-organic mixtures using
solvent resistant zeolite NaA membranes.
7) Development of a simple transport equation to predict water permeation through
zeolite NaA membranes on the basis of Maxwell-Stefan theory.
8) Indirect proof of existence of non-zeolitic pores and its impact on zeolite membrane
performance through novel water sorption experiments.
9) Development of hybrid processes involving pervaporation for two selected
applications in the pharmaceutical industry.
Overall, this research advanced the fundamental understanding of the performance of
dense membranes (particularly pervaporation) through unique transport parameter
correlations and sorption/flux data for the prediction of pervaporation membranes.

APPENDIX A
SAMPLE CALCULATION
Sample Maple Output Program for Calculation of Concentration Profile Across PVA
Membrane for 30 wt. % Ethanol-Water Mixture at 55 °C
> # Program to Calculate Activity Gradient in Membrane using UNIQUAC based
Model
> # Definition of Variables
> # User Input Parameters
> restart;
> x[1]:=0.8563;
# feed mole fraction of water
> x[2]:=1-x[1];
# feed mole fraction of ethanol
> J1:=1.25e-07;
# Water Flux in m/s
> J2:=4.06935e-09;
# Ethanol Flux in m/s
> D1T:=4.91e-12;
# Assumed Water Diffusivity in m2/s
> D2T:=6.1e-13;
# Assumed Ethanol Diffusivity in m2/s
> PPw:=10;
# Permeate Partial Pressure of Water in Torr
> PPe:=0.33;
# Permeate Partial Pressure of Ethanol in Torr
> T:=328.16;
# Feed Temperature in K
> Z:=10;
# Coordination Number
> q(2):=1.97; q(1):=1.47;
# UNIQUAC surface parameters for ethanol and water
> qs(1):=1; qs(2):=0.92;
# Modified UNIQUAC Surface Parameters
> u(2,3):=632.044; u(3,2):=230.93; # Interaction Energies between various components
> u(3,1):=366.01; u(1,3):=539.5;
in K
> Tau(1,1):=1; Tau(2,2):=1; Tau(3,3):=1; # Interaction Parameters
> r(1):=0.92; r(2):=2.11;
# UNIQUAC Size Parameters for Water and Ethanol
> L:=1e-05;
# Membrane Active Layer Thickness in m
> qr3:=0.934; qrs3:=0.434; q(3):=0.934; # UNIQUAC Size and Surface Parameters for
> qs(3):=0.434; r(3):=1;
PVA Membrane
> rho(1):=1.0; rho(2):=0.785; # Densities of Water and Ethanol in gm/cc
>a(1,2):=-2.4936; b(1,2):=756.947; # Constants to Compute Solvent –Solvent Interaction
a(2,1):=2.0046; b(2,1):=-728.97;
Parameters
> Aw:=8.07131; Bw:=1730.63; Cw:=233.426-273.16; # Antoine’s Constants for Water
> Ae:=8.1122; Be:=1592.864; Ce:=226.184-273.16; # Antoine’s Constants for Ethanol
> # Definition of Parameters
> VPw:=10^(Aw-Bw/(T+Cw));
> VPe:=10^(Ae-Be/(T+Ce));
> Tau(1,2):=exp(a(1,2)+b(1,2)/T);
> Tau(2,1):=exp(a(2,1)+b(2,1)/T);
> Tau(2,3):=exp(-u(2,3)/T);
> Tau(3,2):=exp(-u(3,2)/T);
> Tau(3,1):=exp(-u(3,1)/T);
> Tau(1,3):=exp(-u(1,3)/T);

# Vapor Pressure of Water in Torr
# Vapor Pressure of Ethanol in Torr
# Computation of the Various Interaction
Parameters
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> for i from 1 by 1 to 2 do
>
l(i):=Z/2*(r(i)-q(i))-(r(i)-1)
> od;

VPw := 117.7750873
VPe := 280.1265064
Tau(1, 2) := .8294769596
Tau(2, 1) := .8051023160
Tau(2, 3) := .1457264724
Tau(3, 2) := .4947455920
Tau(3, 1) := 3.050605447
Tau(1, 3) := .1932027516
l(1) := -2.670000000
l(2) := -.410000000
> #Block to Compute Feed Activity Coefficients
> for i from 1 by 1 to 2 do
>
phi[i]:=(x[i]*r(i))/sum('x[k]*r(k)','k'=1..2) # Feed Volume Fraction of Solvents
> od;
> for i from 1 by 1 to 2 do
>
Theta[i]:=(x[i]*q(i))/sum('x[k]*q(k)','k'=1..2);
> od;
> for i from 1 by 1 to 2 do
>
Thetas[i]:=(x[i]*qs(i))/sum('x[k]*qs(k)','k'=1..2);
> od;
> for i from 1 by 1 to 2 do
>
af[i]:=exp(ln(phi[i]) + Z/2*q(i)*ln(Theta[i]/phi[i]) + l(i)sum('phi[j]*r(i)*l(j)/r(j)','j'=1..2) - qs(i)*ln(sum('Thetas[j]*Tau(j,i)','j'=1..2)) + qs(i)qs(i)*(Thetas[1]*Tau(i,1)/sum('Thetas[k]*Tau(k,1)','k'=1..2)+Thetas[2]*Tau(i,2)/sum('Th
etas[k]*Tau(k,2)','k'=1..2)))
# Computation of Solvent Activity in Feed
> od;
phi[1] := .7220841739
phi[2] := .2779158261
Theta[1] := .8163965366
Theta[2] := .1836034634
Thetas[1] := .8662585078
Thetas[2] := .1337414922
af[1] := .8968332013
af[2] := .3775366442
> # Block to Compute Feedside Boundary Conditions
> sumPHIjQjRjf:=sum('Phif[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)+q(3)/r(3);
> sumPHIjQSjRjf:=sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)+qs(3)/r(3);
>
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> thetaf[1]:=((Phif[1]*q(1)/r(1))/(sum('Phif[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)+q(3)/r(3)));
> thetaf[2]:=((Phif[2]*q(2)/r(2))/(sum('Phif[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)+q(3)/r(3)));
> thetaf[3]:=(((1-Phif[1]-Phif[2])*q(3)/r(3))/(sum('Phif[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)
+ q(3)/r(3)));
>
> thetasf[1]:=((Phif[1]*qs(1)/r(1))/(sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2) +
qs(3)/r(3)));
> thetasf[2]:=((Phif[2]*qs(2)/r(2))/(sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2) +
qs(3)/r(3)));
> thetasf[3]:=(((1-Phif[1]-Phif[2])*qs(3)/r(3))/(sum('Phif[k]*(qs(k)/r(k)qs(3)/r(3))','k'=1..2) + qs(3)/r(3)));
>
> ThetasTauf[1]:=((((Phif[1]*qs(1)/r(1))/(sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,1)-Tau(3,1))+((Phif[2]*qs(2)/r(2))/(sum('Phif[k]*(qs(k)/r(k)qs(3)/r(3))','k'=1..2) + qs(3)/r(3)))*(Tau(2,1)-Tau(3,1)))+Tau(3,1));
> ThetasTauf[2]:=((((Phif[1]*qs(1)/r(1))/(sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,2)-Tau(3,2))+((Phif[2]*qs(2)/r(2))/(sum('Phif[k]*(qs(k)/r(k)qs(3)/r(3))','k'=1..2)+qs(3)/r(3)))*(Tau(2,2)-Tau(3,2)))+Tau(3,2));
> ThetasTauf[3]:=((((Phif[1]*qs(1)/r(1))/(sum('Phif[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,3)-Tau(3,3))+((Phif[2]*qs(2)/r(2))/(sum('Phif[k]*(qs(k)/r(k)qs(3)/r(3))','k'=1..2)+qs(3)/r(3)))*(Tau(2,3)-Tau(3,3)))+Tau(3,3));
>
> af1:=(exp(ln(Phif[1])+Z/2*q(1)*ln(thetaf[1]/Phif[1])+l(1)-(Phif[1]*l(1)+Phif[2]*
r(1)*l(2)/r(2))-r(1)*(1-Phif[1]-Phif[2])*(Z/2*(1-q(3)/r(3))-1)+qs(1)-qs(1)
*ln(ThetasTauf[1])-qs(1)*(thetasf[1]*Tau(1,1)/ThetasTauf[1] +thetasf[2]*Tau(1,2)
/ThetasTauf[2] + thetasf[3]*Tau(1,3)/ThetasTauf[3]))-af[1]);
>af2:=(exp(ln(Phif[2])+Z/2*q(2)*ln(thetaf[2]/Phif[2])+l(2)-(Phif[1]*r(2)*l(1)/r(1)
+Phif[2]*l(2))-r(2)*(1-Phif[1]-Phif[2])*(Z/2*(1-q(3)/r(3))-1)+qs(2)-qs(2)
*ln(ThetasTauf[2])-qs(2)*(thetasf[1]*Tau(2,1)/ThetasTauf[1]+thetasf[2]
*Tau(2,2)/ThetasTauf[2]+thetasf[3]*Tau(2,3)/ThetasTauf[3]))-af[2]);
>fsolve({af1,af2},{Phif[1],Phif[2]},{Phif[1]=0.01..0.8,Phif[2]=0.01..0.5}); # Solution of
Non Linear Algebraic Equations for Feed Side Boundary Computation
{Phif[2] = .2541010834, Phif[1] = .6709511553}
# Block to Compute Permeateside Boundary Conditions
> # Phi[1]:=0.755;Phi[2]:=0;
> ap[1]:=PPw/VPw;
> ap[2]:=PPe/VPe;
> sumPHIjQjRjp:=sum('Phip[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)+q(3)/r(3);
> sumPHIjQSjRjp:=sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)+qs(3)/r(3);
>
> thetap[1]:=((Phip[1]*q(1)/r(1))/(sum('Phip[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)
+q(3)/r(3)));
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> thetap[2]:=((Phip[2]*q(2)/r(2))/(sum('Phip[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)
+q(3)/r(3)));
> thetap[3]:=(((1-Phip[1]-Phip[2])*q(3)/r(3))/(sum('Phip[k]*(q(k)/r(k)-q(3)/r(3))','k'=1..2)
+q(3)/r(3)));
>
> thetasp[1]:=((Phip[1]*qs(1)/r(1))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)));
> thetasp[2]:=((Phip[2]*qs(2)/r(2))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)));
> thetasp[3]:=(((1-Phip[1]-Phip[2])*qs(3)/r(3))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))'
,'k'=1..2)+qs(3)/r(3)));
>
> ThetasTaup[1]:=((((Phip[1]*qs(1)/r(1))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,1)-Tau(3,1))+((Phip[2]*qs(2)/r(2))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)
/r(3))','k'=1..2)+qs(3)/r(3)))*(Tau(2,1)-Tau(3,1)))+Tau(3,1));
> ThetasTaup[2]:=((((Phip[1]*qs(1)/r(1))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,2)-Tau(3,2))+((Phip[2]*qs(2)/r(2))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)
/r(3))','k'=1..2)+qs(3)/r(3)))*(Tau(2,2)-Tau(3,2)))+Tau(3,2));
> ThetasTaup[3]:=((((Phip[1]*qs(1)/r(1))/(sum('Phip[k]*(qs(k)/r(k)-qs(3)/r(3))','k'=1..2)
+qs(3)/r(3)))*(Tau(1,3)-Tau(3,3))+((Phip[2]*qs(2)/r(2))/(sum('Phip[k]*(qs(k)/r(k)qs(3)/r(3))','k'=1..2)+qs(3)/r(3)))*(Tau(2,3)-Tau(3,3)))+Tau(3,3));
>
> ap1:=(exp(ln(Phip[1])+Z/2*q(1)*ln(thetap[1]/Phip[1])+l(1)-(Phip[1]*l(1)+Phip[2]
*r(1)*l(2)/r(2))-r(1)*(1-Phip[1]-Phip[2])*(Z/2*(1-q(3)/r(3))-1)+qs(1)-qs(1)
*ln(ThetasTaup[1])-qs(1)*(thetasp[1]*Tau(1,1)/ThetasTaup[1]+thetasp[2]*Tau(1,2)
/ThetasTaup[2]+thetasp[3]*Tau(1,3)/ThetasTaup[3]))-ap[1]);
> ap2:=(exp(ln(Phip[2])+Z/2*q(2)*ln(thetap[2]/Phip[2])+l(2)-(Phip[1]*r(2)*l(1)/r(1)
+Phip[2]*l(2))-r(2)*(1-Phip[1]-Phip[2])*(Z/2*(1-q(3)/r(3))-1)+qs(2)-qs(2)
*ln(ThetasTaup[2])-qs(2)*(thetasp[1]*Tau(2,1)/ThetasTaup[1]+thetasp[2]*Tau(2,2)
/ThetasTaup[2]+thetasp[3]*Tau(2,3)/ThetasTaup[3]))-ap[2]);
>
> fsolve({ap1,ap2},{Phip[1],Phip[2]},{Phip[1]=0.000001..0.1,Phip[2]=0.000001..0.01});
# Solution of Non Linear Algebraic Equations for Permeate Side Boundary Computation

{Phip[1] = .1812677894e-1, Phip[2] = .1117605638e-3}
> # Block for Solution of Differential-Algebraic System of Equations to Generate
Concentration Profile across Membrane Thickness
> Phi[3](x):=1-Phi[1](x)-Phi[2](x);
> sumPHIjQjRj(x):=sum('Phi[k](x)*q(k)/r(k)','k'=1..3);
> sumPHIjQSjRj(x):=sum('Phi[k](x)*qs(k)/r(k)','k'=1..3);
>
> theta[1](x):=(Phi[1](x)*q(1)/r(1))/sumPHIjQjRj(x);
> theta[2](x):=(Phi[2](x)*q(2)/r(2))/sumPHIjQjRj(x);
> theta[3](x):=(Phi[3](x)*q(3)/r(3))/sumPHIjQjRj(x);
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>
> thetas[1](x):=(Phi[1](x)*qs(1)/r(1))/sumPHIjQSjRj(x);
> thetas[2](x):=(Phi[2](x)*qs(2)/r(2))/sumPHIjQSjRj(x);
> thetas[3](x):=(Phi[3](x)*qs(3)/r(3))/sumPHIjQSjRj(x);
>
> ThetasTau[1](x):=sum('thetas[i](x)*Tau(i,1)','i'=1..3);
> ThetasTau[2](x):=sum('thetas[i](x)*Tau(i,2)','i'=1..3);
> ThetasTau[3](x):=sum('thetas[i](x)*Tau(i,3)','i'=1..3);
>
> a[1](x):=exp(ln(Phi[1](x))+Z/2*q(1)*ln(theta[1](x)/Phi[1](x))+l(1)sum('Phi[j](x)*r(1)*l(j)/r(j)','j'=1..2)-r(1)*Phi[3](x)*(Z/2*(1-q(3)/r(3))-1)+qs(1)qs(1)*ln(ThetasTau[1](x))-qs(1)*sum('thetas[k](x)*Tau(1,k)/ThetasTau[k](x)','k'=1..3));
> a[2](x):=exp(ln(Phi[2](x))+Z/2*q(2)*ln(theta[2](x)/Phi[2](x))+l(2)sum('Phi[j](x)*r(2)*l(j)/r(j)','j'=1..2)-r(2)*Phi[3](x)*(Z/2*(1-q(3)/r(3))-1)+qs(2)qs(2)*ln(ThetasTau[2](x))-qs(2)*sum('thetas[k](x)*Tau(2,k)/ThetasTau[k](x)','k'=1..3));
>
> dthetadphi[1,1](x):=(sumPHIjQjRj(x)*q(1)/r(1)-(Phi[1](x)*q(1)/r(1))*(q(1)/r(1)q(3)/r(3)))/sumPHIjQjRj(x)^2;
> dthetadphi[1,2](x):=-(q(2)/r(2)-q(3)/r(3))*(Phi[1](x)*q(1)/r(1))/sumPHIjQjRj(x)^2;
> dthetadphi[2,1](x):=-(q(1)/r(1)-q(3)/r(3))*(Phi[2](x)*q(2)/r(2))/sumPHIjQjRj(x)^2;
> dthetadphi[2,2](x):=(sumPHIjQjRj(x)*q(2)/r(2)-(Phi[2](x)*q(2)/r(2))*(q(2)/r(2)q(3)/r(3)))/sumPHIjQjRj(x)^2;
>
> dthetasdphi[1,1](x):=(sumPHIjQSjRj(x)*qs(1)/r(1)-(Phi[1](x)*qs(1)/r(1))*(qs(1)/r(1)qs(3)/r(3)))/sumPHIjQSjRj(x)^2;
> dthetasdphi[1,2](x):=-(qs(2)/r(2)-qs(3)/r(3))*(Phi[1](x)*qs(1)/r(1))
/sumPHIjQSjRj(x)^2;
> dthetasdphi[2,1](x):=-(qs(1)/r(1)-qs(3)/r(3))*(Phi[2](x)*qs(2)/r(2))
/sumPHIjQSjRj(x)^2;
> dthetasdphi[2,2](x):=(sumPHIjQSjRj(x)*qs(2)/r(2)-(Phi[2](x)*qs(2)/r(2))*(qs(2)/r(2)qs(3)/r(3)))/sumPHIjQSjRj(x)^2;
>
> dthetaphidphi[1,1](x):=-(q(1)/r(1)-q(3)/r(3))*q(1)/r(1)/sumPHIjQjRj(x)^2;
> dthetaphidphi[1,2](x):=-(q(2)/r(2)-q(3)/r(3))*q(1)/r(1)/sumPHIjQjRj(x)^2;
> dthetaphidphi[2,1](x):=-(q(1)/r(1)-q(3)/r(3))*q(2)/r(2)/sumPHIjQjRj(x)^2;
> dthetaphidphi[2,2](x):=-(q(2)/r(2)-q(3)/r(3))*q(2)/r(2)/sumPHIjQjRj(x)^2;
>
> dlnadphi[1,1](x):=1/Phi[1](x)+Z/2*q(1)*Phi[1](x)/theta[1](x)*dthetaphidphi[1,1](x)l(1)-qs(1)*(dthetasdphi[1,1](x)*(Tau(1,1)-Tau(3,1))+dthetasdphi[2,1](x)*(Tau(2,1)Tau(3,1)))/ThetasTau[1](x)+r(1)*(Z/2*(1-q(3)/r(3))-1)-qs(1)*((ThetasTau[1](x)
*Tau(1,1)*dthetasdphi[1,1](x)-thetas[1](x)*Tau(1,1)*((Tau(1,1)-Tau(3,1))
*dthetasdphi[1,1](x)+(Tau(2,1)-Tau(3,1))*dthetasdphi[2,1](x)))/ThetasTau[1](x)^2
+(ThetasTau[2](x)*Tau(1,2)*dthetasdphi[2,1](x)-thetas[2](x)*Tau(1,2)*((Tau(1,2)Tau(3,2))*dthetasdphi[1,1](x)+(Tau(2,2)-Tau(3,2))*dthetasdphi[2,1](x)))
/ThetasTau[2](x)^2+(ThetasTau[3](x)*(-dthetasdphi[1,1](x)-dthetasdphi[2,1](x))
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*Tau(1,3)-thetas[3](x)*Tau(1,3)*((Tau(1,3)-Tau(3,3))*dthetasdphi[1,1](x)+(Tau(2,3)Tau(3,3))*dthetasdphi[2,1](x)))/ThetasTau[3](x)^2);
>
> dlnadphi[2,2](x):=1/Phi[2](x)+Z/2*q(2)*Phi[2](x)/theta[2](x)*dthetaphidphi[2,2](x)l(2)-qs(2)*(dthetasdphi[1,2](x)*(Tau(1,2)-Tau(3,2))+dthetasdphi[2,2](x)*(Tau(2,2)Tau(3,2)))/ThetasTau[2](x)+r(2)*(Z/2*(1-q(3)/r(3))-1)-qs(2)*((ThetasTau[1](x)
*Tau(2,1)*dthetasdphi[1,2](x)-thetas[1](x)*Tau(2,1)*((Tau(1,1)-Tau(3,1))
*dthetasdphi[1,2](x)+(Tau(2,1)-Tau(3,1))*dthetasdphi[2,2](x)))/ThetasTau[1](x)^2
+(ThetasTau[2](x)*Tau(2,2)*dthetasdphi[2,2](x)-thetas[2](x)*Tau(2,2)*((Tau(1,2)Tau(3,2))*dthetasdphi[1,2](x)+(Tau(2,2)-Tau(3,2))*dthetasdphi[2,2](x)))
/ThetasTau[2](x)^2+(ThetasTau[3](x)*(-dthetasdphi[1,2](x)-dthetasdphi[2,2](x))
*Tau(2,3)-thetas[3](x)*Tau(2,3)*((Tau(1,3)-Tau(3,3))*dthetasdphi[1,2](x)+(Tau(2,3)Tau(3,3))*dthetasdphi[2,2](x)))/ThetasTau[3](x)^2);
>
> dlnadphi[1,2](x):=Z/2*q(1)*Phi[1](x)/theta[1](x)*dthetaphidphi[1,2](x)-r(1)*l(2)/r(2)qs(1)*(dthetasdphi[1,2](x)*(Tau(1,1)-Tau(3,1))+dthetasdphi[2,2](x)*(Tau(2,1)Tau(3,1)))/ThetasTau[1](x)+r(1)*(Z/2*(1-q(3)/r(3))-1)-qs(1)*((ThetasTau[1](x)
*Tau(1,1)*dthetasdphi[1,2](x)-thetas[1](x)*Tau(1,1)*((Tau(1,1)-Tau(3,1))
*dthetasdphi[1,2](x)+(Tau(2,1)-Tau(3,1))*dthetasdphi[2,2](x)))/ThetasTau[1](x)^2+
(ThetasTau[2](x)*Tau(1,2)*dthetasdphi[2,2](x)-thetas[2](x)*Tau(1,2)*((Tau(1,2)Tau(3,2))*dthetasdphi[1,2](x)+(Tau(2,2)-Tau(3,2))*dthetasdphi[2,2](x)))
/ThetasTau[2](x)^2+(ThetasTau[3](x)*(-dthetasdphi[1,2](x)-dthetasdphi[2,2](x))
*Tau(1,3)-thetas[3](x)*Tau(1,3)*((Tau(1,3)-Tau(3,3))*dthetasdphi[1,2](x)+(Tau(2,3)Tau(3,3))*dthetasdphi[2,2](x)))/ThetasTau[3](x)^2);
>
> dlnadphi[2,1](x):=Z/2*q(2)*Phi[2](x)/theta[2](x)*dthetaphidphi[2,1](x)-r(2)*l(1)/r(1)qs(2)*(dthetasdphi[1,1](x)*(Tau(1,2)-Tau(3,2))+dthetasdphi[2,1](x)*(Tau(2,2)Tau(3,2)))/ThetasTau[2](x)+r(2)*(Z/2*(1-q(3)/r(3))-1)-qs(2)*((ThetasTau[1](x)
*Tau(2,1)*dthetasdphi[1,1](x)-thetas[1](x)*Tau(2,1)*((Tau(1,1)-Tau(3,1))
*dthetasdphi[1,1](x)+(Tau(2,1)-Tau(3,1))*dthetasdphi[2,1](x)))
/ThetasTau[1](x)^2+(ThetasTau[2](x)*Tau(2,2)*dthetasdphi[2,1](x)-thetas[2](x)
*Tau(2,2)*((Tau(1,2)-Tau(3,2))*dthetasdphi[1,1](x)+(Tau(2,2)-Tau(3,2))
*dthetasdphi[2,1](x)))/ThetasTau[2](x)^2+(ThetasTau[3](x)*(-dthetasdphi[1,1](x)dthetasdphi[2,1](x))*Tau(2,3)-thetas[3](x)*Tau(2,3)*((Tau(1,3)-Tau(3,3))
*dthetasdphi[1,1](x)+(Tau(2,3)-Tau(3,3))*dthetasdphi[2,1](x)))/ThetasTau[3](x)^2);
>
> IC:= Phi[1](0)=.6709511555, Phi[2](0)=.2541010836; # Initial Conditions
>
> EQ35:=diff(Phi[1](x),x)=(Phi[1](x)*D1T*dlnadphi[1,2](x)*J2Phi[2](x)*D2T*dlnadphi[2,2](x)*J1)*L/(Phi[1](x)*Phi[2](x)*D1T*D2T*(dlnadphi[1,1](
x)*dlnadphi[2,2](x)-dlnadphi[1,2](x)*dlnadphi[2,1](x)));
>
> EQ36:=diff(Phi[2](x),x)=(Phi[2](x)*D2T*dlnadphi[2,1](x)*J1Phi[1](x)*D1T*dlnadphi[1,1](x)*J2)*L/(Phi[1](x)*Phi[2](x)*D1T*D2T*(dlnadphi[1,1](
x)*dlnadphi[2,2](x)-dlnadphi[1,2](x)*dlnadphi[2,1](x)));
>
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> ans1:=dsolve({IC,EQ35,EQ36},{Phi[1](x),Phi[2](x)},numeric,method =
lsode[adamsfull]);
# Statement to Solve System of Differential-Algebraic Equations
>
> ans1(1);

ans1 := proc(x_lsode) ... end
[x = 1, Phi[1](x) = .01844513246156258, Phi[2](x) = .0008982273335945688]
> # Ouput Concentration Profile
> for i from 1 by 1 to 21 do ans1((i-1)/20) od;

[x = 0, Phi[1](x) = .6709511555, Phi[2](x) = .2541010836]
[x = 1/10, Phi[1](x) = .4297025729851663, Phi[2](x) = .1461190129751503]
[x = 3/20, Phi[1](x) = .3822851061081712, Phi[2](x) = .1262317736112976]
[x = 1/5, Phi[1](x) = .3433209383748696, Phi[2](x) = .1103505722772132]
[x = 1/4, Phi[1](x) = .3096700530278508, Phi[2](x) = .09700761079028061]
[x = 3/10, Phi[1](x) = .2797567268009610, Phi[2](x) = .08546260374597249]
[x = 7/20, Phi[1](x) = .2526583798414912, Phi[2](x) = .07527988080744397]
[x = 2/5, Phi[1](x) = .2277799539322553, Phi[2](x) = .06617701434436360]
[x = 9/20, Phi[1](x) = .2047111387498351, Phi[2](x) = .05795832456363831]
[x = 1/2, Phi[1](x) = .1831547816670856, Phi[2](x) = .05048146653151400]
[x = 11/20, Phi[1](x) = .1628874683865400, Phi[2](x) = .04363898928385833]
[x = 3/5, Phi[1](x) = .1437361895546147, Phi[2](x) = .03734739215622947]
[x = 13/20, Phi[1](x) = .1255637264206157, Phi[2](x) = .03154025136948314]
[x = 7/10, Phi[1](x) = .1082590841097108, Phi[2](x) = .02616370727203171]
[x = 3/4, Phi[1](x) = .09173098555469603, Phi[2](x) = .02117338552964171]
[x = 4/5, Phi[1](x) = .07590333976221897, Phi[2](x) = .01653224581247017]
[x = 17/20, Phi[1](x) = .06071196693438502, Phi[2](x) = .01220902109026889]
[x = 9/10, Phi[1](x) = .04610218706174354, Phi[2](x) = .008177063763372175]
[x = 19/20, Phi[1](x) = .03202701189875815, Phi[2](x) = .004413476631562942]
[x = 1, Phi[1](x) = .01844576618573766, Phi[2](x) = .0008984467447701960]

APPENDIX B
NOMENCLATURE
a, b, c

- constants for prediction of interaction parameters from lattice graph
theory

ai, aj

- activity of components i and j in mixture

aij, bij, cij, dij

- parameters to predict solvent-solvent τij for UNIQUAC model

Ci

- concentration of component i in mixture

Ct

- total concentration of mixture

Di

- Fickian diffusion coefficient

Dii*

- self diffusion coefficient of component i

Dij*

- binary diffusion of i in j at infinite dilution of i

Dik

- Stefan-Maxwell i-k pair diffusivity

Dim*

- self diffusion coefficient of component i in mixture

DiT

- thermodynamic diffusion coefficient of component i

Ea

- energy of activation

Ej, Ei, Ci

- constants for free volume model

f(0,T)

- free volume fraction of dry polymer

fs, f’g

- partition function for adsorbed molecule and partition function per unit
volume for free gaseous molecule

∆Gm

- free energy of mixing

Hi

- Henry’s constant for species i

Ji

- flux of component i

k

- Boltzmann constant
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kp, ks

- affinity between solvent-solvent and solvent-polymer species according
to ENSIC model

Li, Lij

- phenomenological constants

m

- saturation limit in terms of molecules per cavity

Mc

- molecular weight between cross-link points

mi

- mobility of species i

Mi

- molecular weight of species i

P

- pressure

Pf, Pp

- feed pressure at inlet, permeate pressure

Pg

- pressure of free sorbate

pi, pj

- partial permeate pressure of species i and j

Pi,p, Pj,p

- partial pressure of components i and j on permeate side

Pi,sat, Pj,sat

- partial saturation pressure of components i and j on feed side

∆qs

- heat of sorption of sorbate on zeolite

q

- sorption capacity mol/gm

Q, Bi, Bj

- constants for pore flow model

R

- universal gas constant

r, q and q*

- parameters related to size and shape of molecule

s

- Langmuir constant

Sji

- semi-empirical constant for diffusion coefficient model

T

- absolute temperature

u(r)

- potential energy of adsorbed molecule as function of position in zeolite
cavity

233
ug, us

- free energy of gaseous molecule in free gaseous and sorbed state

uij

- energy of interaction between species i and j

Vfp

- free volume of polymer per gram

Vi, Vj

- molar volume of components i and j

vi, vk

- velocities of components i and k

Vz

- volume of zeolite cavity

wi, wj

- weight fraction of species i and j in mixture

xi, xj

- feed mole/weight fraction of species i and j

yi, yj

- permeate mole/weight fraction of species i and j

Z

- coordination number

z

- membrane thickness

Z1

- configuration integral for one molecule in a zeolite cavity

Zn

- configuration integral for cavity containing n molecules

Greek Letters
∇

- differential operator

αij

- overall selectivity of species i over j

αij, evap

- vaporization selectivity of species i over j

αij, mem

- membrane selectivity of species i over j

βi

- enrichment factor of component I

βs

- volume of a sorbate molecule

χ12, χ1p, χ2p

- interaction parameters in Flory-Huggins theory

δω

- difference between interaction free enthalpy of unlike neighbors
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δs, δp

- solubility parameters of solvent and polymer

ε

- porosity of zeolite matrix

εp, ε’p

- adsorption potential and constant for adsorption potential theory

φi

- volume fraction of component i in mixture

Γ

- matrix of thermodynamic factors

γi, γij, γii

- plasticization coefficients

γif,v, γif,m

- activity coefficient of species i in membrane and vapor phase
respectively

ϑ*

- average jumping frequency

κi(T), κj(T)

- constants for free volume diffusion model

µi

- chemical potential of component i

θi

- site occupancy of species i in zeolite matrix or surface fraction of
component i in polymer matrix

θv

- vacant site fraction

ρp, ρz

- polymer density, zeolite density

σ

- concentration coefficient

τij

- binary interaction parameters for UNIQUAC theory

Ω

- jumping distance of penetrant

ξ

- ratio of molar volume of penetrant and polymer unit

Subscripts
c

- crosslinks
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f

- feed

fp

- free volume for polymer

g

- gas

l

- liquid

m

- membrane/mixing

p

- permeate/polymer

s

- solvent/sorbate/sorption

sat

- saturation

t

- total

V

- vacant

v

- vapor

w

- water

Superscripts
C

- combinatorial

m

- membrane

R

- residual

s

- surface

T

- thermodynamic

APPENDIX C
COMMONLY USED ACRONYMS
COD

- Chemical Oxygen Demand

CTA

- Cellulose Triacetate

DMF

- Dimethylformamide

ENSIC

- Engaged Species Induced Clustering

MTBE

- Methyl-ter-butylether

PAN

- Polyacrylonitrile

PDMS

- Polydimethylsiloxane

PEBA

- Polyetherblockpolyamides

PPCSD

-Pseudophase Change Solution Diffusion

PV

- Pervaporation

PVA

- PolyvinylAlcohol

PVAc

- PolyvinylAcetate

PVDMS

- Polyvinyldimethylsiloxane

TCE

- Trichloroethylene

THF

- Tetrahydrofuran

TIP

- Thermodynamics of Irreversible Processes

TOC

- Total Organic Carbon

UNIQUAC

- UNIversal QUasichemical Activity Coefficient

VLE

- Vapor Liquid Equilibrium

VOC

- Volatile Organic Compounds

ZSM

- Zeolite Sieve Molecular
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